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Abstract 
Trends in the crude oil supply have shown a decline in reserves of conventional oil, which has 
been offset by increasing volumes of heavy oil. Therefore, hydrocracking has become an 
increasingly attractive process for upgrading heavy oil fractions. This process, however, 
presents major challenges that have to be overcome. 
The present work had two principal aims. The first was to develop a new continuous fixed-
bed hydrocracking reactor (CFBR) to conduct long time-on-stream experiments, ranging from 
180 – 360 minutes. Several challenges were faced during the design and construction caused 
by operating conditions constraints. Factors such as safety and effective control of the system 
were also taken into consideration. 
The second was to study hydrocracking experiments at different operating conditions 
performed in the CFBR. These were carried out with a model compound, 1-
methylnaphthalene (C11-MN) and a commercial catalyst, NiMo/Al2O3. Three residence times 
(1, 10, 20 minutes) and four temperatures (400, 420, 430 and 450 oC) were used, while 
keeping pressure constant at 10 MPa. Four main groups of products prevailed: partially 
hydrogenated bicyclic products, hydrogenated bicyclic products, ring-opening products and 
cracked products. Each group was further divided in alkyl and alkenyl benzenes, alkyl 
cyclohexane and decalin. The reaction pathway consisted of a mixture of parallel and 
consecutive reactions. The activation energy for the decomposition of C11-1MN was obtained 
with the Arrhenius equation. The overall selectivity of partially hydrogenated products and 
ring-opening products were mirrored and the overall selectivity for cracked products 
decreased with increasing temperature. The selectivity of hydrogenated products was very 
low. The effect of the sulphiding agent, diheptyl disulphide (DHDS) present in the feed, was 
elucidated on the activation of the catalyst. A decrease in sulphur concentration in products 
was coupled with a noticeable increase in C11-1MN conversion. Finally, the role of DHDS 
decomposition products in catalyst activation was investigated.  
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“As you set out for Ithaka 
hope the voyage is a long one, 
full of adventure, full of discovery. 
Laistrygonians and Cyclops, 
angry Poseidon—don’t be afraid of them: 
you’ll never find things like that on your way 
as long as you keep your thoughts raised high, 
as long as a rare excitement 
stirs your spirit and your body. 
Laistrygonians and Cyclops, 
wild Poseidon—you won’t encounter them 
unless you bring them along inside your soul, 
unless your soul sets them up in front of you.” 
 
 “Ithaka” by C.P. Cavafy, Collected Poems, lines 1-13, 
Translated by Edmund Keeley and Philip Sherrard. 
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CHAPTER 1 Introduction 
This chapter offers an overview of current issues faced by the oil industry, providing the 
motivations behind this work. The aims and objectives of the project are presented and finally 
the structure of this thesis is laid out. 
1.1 Background 
Petroleum has for long been one of the main sources of energy worldwide. However, 
conventional/light crude oil reserves are becoming scarcer. With the worldwide growth in 
crude oil demand, new process alternatives are required to cope with heavier crude oil 
feedstocks, which are more difficult to extract and process, in order to supplement both short 
and long term needs. 
Over the years, extracted crude oil has become heavier, of lower quality and API gravity. This 
has resulted in the necessity for new methods to desulphurise and upgrade heavy oils, residua 
and bitumen to obtain useful products, such as gasoline and liquid fuels. In the years to come, 
upgrading of heavy oil and tar sand bitumen will no longer be an alternative stage in refining, 
but rather, a compulsory one to meet the world’s energy demand. 
Hydrocracking technology is very attractive as it makes use of catalyst properties coupled 
with a hydrogenation process, which allow reaching high conversions of feedstock to desired 
products. Therefore, it enables the conversion heavy oil fractions to useful compounds such as 
transportation fuels and lubricating oils. The main objective of this process is to produce 
hydrocarbon products with a lower-boiling point, while simultaneously removing sulphur and 
nitrogen compounds, heavy metals and reducing the amount of coke formed during operation 
[1]. The quality of products needs to meet the market demand and environmental regulations. 
In order to upgrade the heavy oil and residue, several other processes have to be implemented 
in addition to hydrocracking (HC), such as hydrodenitrogenation (HDN), 
hydrodesulphurisation (HDS) and hydrodemetallisation (HDM).  
The main characteristic of hydrocracking processes is the feedstock and product yield 
flexibility. Thus, changes in product yields can be modified by varying the nature of the 
Introduction 
 22 
feedstock, the process configuration, operating variables and catalyst design [2]. Gaining a 
better insight into the reaction pathways of the complex chemical structures that constitute 
heavy feedstocks is imperative and it is one of the only ways of improving current refinery 
processes. 
1.2 Objectives of the Present Study 
The present study focuses on the hydrocracking of heavy oil and residuum feeds. The 
necessity of processing heavy oil, bitumen and residuum to produce lighter liquid fuels cannot 
be satisfied with the existing knowledge from the refining of the conventional crude oil. 
Therefore, a more in depth knowledge of the reaction pathways undergone by the chemical 
structures present in these heavy feedstocks is required. A model compound, 1-
methylnaphthalene (C11-1MN), is employed in these experiments because it is a 
polyaromatic structure present in heavy oil. Using a model compound allows to gain a better 
understanding of the reaction pathways that occur during hydrocracking in a continuous 
reactor, without having the interference of the mixture of complex compounds that composes 
heavy oils. 
The present work has two main objectives: the development of a new continuous fixed-bed 
hydrocracking reactor (CFBR) and the study of hydrocracking pathways of 1-
methylnaphthalene at different operating conditions, performed in the CFBR. 
 Development, Construction and Commissioning of CFBR 
• Develop a continuous reactor that withstands high pressures and high temperatures. 
• Assess all options for the different parts of the reactor process. 
• Perform a Hazard and Operability (HAZOP) study. 
• Implement all HAZOP decisions in a control system. 
• Commission CFBR. 
Hydrocracking Experiments on 1-Methylnaphthalene  
1) Investigate the reaction pathways of 1-methylnaphthalene by varying residence time. 
• Identify all products formed. 
• Study variation of reactant and products concentrations at different residence 
times. 
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• Determine potential hydrocracking reaction pathways for 1-
methylnaphthalene. 
 
2) Study the effect of temperature on 1-methylnaphthalene hydrocracking reactions. 
• Investigate the conversion of 1-methylnaphthalene at four temperatures. 
• Determine products formed at these conditions. 
• Compare the yield and selectivity of products at different temperatures. 
 
3) Investigate the role of sulphur in catalyst activation. 
• Confirm presence of sulphur on catalyst and products. 
• Study the influence of sulphur on 1-methylnaphthalene conversion. 
• Investigate different activation temperatures. 
• Determine the nature and the effect of sulphiding agents. 
1.3 Outline of the Thesis 
This thesis is composed of eight chapters. The first chapter is an introduction to this work 
including the aims and objectives. A general background of hydroprocessing is presented in 
Chapter 2. This section explains the motivations behind this work backed by reviews from 
literature. Furthermore, it includes different aspects that need to be taken into account during 
hydrocracking processing such as hydrocracking reactor types, catalysts, feedstock nature and 
operating conditions. 
Chapter 3 describes the experimental methods employed in this research. It presents the 
feedstock and catalyst tested in experiments. The analytical techniques used for the feedstock, 
products and catalysts are also reported. Finally, the experimental procedure is provided. 
Chapter 4 involves the design, construction and commissioning of the new continuous fixed-
bed hydrocracking reactor (CFBR) employed in subsequent experiments presented in 
Chapters 5 – 7. It describes in detail the design of the three main sections of the process, the 
construction and commissioning stages, which include the Hazard and Operability (HAZOP) 
study of the process, the electronics and controls of the system, and finally the preliminary 
tests carried out before its operation. 
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Chapters 5 – 7 are the experimental chapters. Chapter 5 evaluates the reaction pathways 
during the hydrocracking of 1-methylnaphthalene with a commercial NiMo/Al2O3 catalyst by 
varying the residence time. The obtained products are identified. A potential overall reaction 
pathway is presented along with the rationale behind it. 
Chapter 6 investigates the effect of temperature on the conversion of 1-methylnaphthalene, 
using the same catalyst as in Chapter 5. The activation energy for 1-methylnaphthalene 
decomposition is evaluated and the effect of temperature on products formed is then 
investigated.  
Chapter 7 discusses the role and the effect of sulphur during hydrocracking experiments. The 
sulphur presence on the catalyst is confirmed and its effect on 1-methylnaphthalene 
conversion is investigated. The influence of sulphur is examined at different activation 
temperatures. The decomposition of the sulphiding agent is then elucidated and the effect of 
its decomposition products on C11-1MN conversion is investigated. 
Finally, Chapter 8 provides the conclusions of this work as well as recommendations for 
future work. 
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CHAPTER 2 Background 
This chapter presents a review of the research in the field of the current study. It offers a 
general background on hydroprocessing, which includes heavy feedstocks employed together 
with their products, followed by the different heavy oil upgrading methods. A closer look is 
then directed towards hydrocracking, by initially presenting its history. Different 
hydrocracking processes and reactor types available are reviewed. The typical hydrocracking 
operating conditions are discussed along with hydrocracking products and other applications 
of hydrocracking. Hydrocracking catalysts together with the hydrocracking chemistry are 
described. Then, different types of catalyst deactivation are presented. Finally, a summary is 
included and the current study is put into context with the work presented in this literature 
review. 
2.1 Hydroprocessing Background 
In the years to come, production of heavy crudes will rise due to the depletion of light 
conventional crudes. The International Energy Agency (IEA) [3] estimates that the oil supply 
will rise from 89 million bbl/d in 2012 to 101 million bbl/d in 2035. The main components of 
this increase are unconventional oils (up to 10 million bbl/d) and natural gas liquids (NGLs), 
while the share of crude oil in the total oil production will decrease, from 80 % in 2012 to two-
thirds in 2035. Furthermore, the US Energy Information Administration (EIA) [4] estimates 
that global consumption grew by 1.3 million bbl/d in 2013, averaging to 90.4 million bbl/d for 
that year. The projected global consumption will grow by 1.1 million bbl/d in 2014 and 1.5 
million bbl/d in 2015. 
Thanks to technological progress, IEA suggests that estimates of recoverable resources of oil 
will continue to increase. Technology enables to unlock types of resources, such as shale oil, 
that were considered unrecoverable a few years ago.  Latest estimates from IEA for the 
remaining recoverable resources indicated 2670 billion barrels of conventional oil, 345 billion 
of shale oil, 1880 billion barrels of extra-heavy oil and bitumen and 1070 billion of kerogen 
oil. 
As detailed in the following section, these heavy crudes can be distinguished from 
conventional ones based on their high viscosity and low American Petroleum Institute gravity 
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(API gravity). Additionally, they contain higher sulphur and asphaltenes contents and heavy 
metals than conventional crude oil. Therefore, existing conventional crude oil processes 
require to be modified in order to obtain the desired quality and quantity of end products. 
Upgrading of these heavy feeds can be achieved through hydroprocessing [5].  
2.1.1 Petroleum Refinery Process 
The petroleum refinery process is composed of several stages, as shown below in Figure 2.1. 
The first stage in crude oil refining consists of an atmospheric distillation column, usually 
preceded by a desalter and a pre-heating train. Products leaving the atmospheric distillation 
from the top of the column include light naphtha and gases; heavy naphtha, kerosene and gas 
oil are removed as side stream products; and finally heavy bottom products with lower-
boiling points, atmospheric gas oils (250 oC – 350 oC) and atmospheric residua (> 350 oC) are 
removed from the bottom of the tower. Bottom products are sent to a vacuum distillation 
column. Distillation under vacuum conditions has gained popularity as it can produce less 
volatile products from petroleum without the presence of cracking reactions. Atmospheric 
distillation has limited operating temperature possibilities, due to the fact that above 350 oC 
residue cracking occurs. The vacuum residue (> 550 oC) is sent to a delayed coker to produce 
coke, heavy fuel oil, or asphalt. Vacuum gas oil products (350 oC – 550 oC) are sent as 
feedstock to catalytic cracking or hydrocracking units. The role of hydrocracking units is to 
crack the heavy molecules into lighter molecular weight compounds, with a boiling point 
range similar to gasoline and distillate fuel [6]. 
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Figure 2.1: Process diagram of a typical refinery, reproduced from [7]. 
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2.1.2 Heavy Feedstocks 
As mentioned above, heavy oil is more difficult to recover than conventional oil. It has a 
higher viscosity and a lower API gravity than petroleum [8]. The API gravity, calibrated in 
API degrees (oAPI), is used universally to express the relative density of crude oil. It enables 
the comparison of the relative densities of crude oil and other hydrocarbon liquids. The lighter 
the crude, the higher the API gravity, oil with oAPI greater than 30 is defined as light. The 
heavier the crude, the lower the API gravity, oil with oAPI lower than 22 is defined as heavy 
and below 10 as extra heavy, as depicted in Figure 2.2. 
 
Figure 2.2: Viscosity, density and API gravity of conventional crude oil, heavy crude oil 
and tar sand bitumen, reproduced from [7]. 
Heavy oil, with an API gravity of 10 – 15 oAPI, shown in Figure 2.2, is currently being used 
as feedstock in refineries. However, its low quality results in being priced lower than 
conventional (light) oil. The groups that can be identified in heavy oils are saturated straight 
and branched hydrocarbons, saturated cyclic and polycyclic hydrocarbons with and without 
side chains, unsaturated hydrocarbons, aromatic and polyaromatic hydrocarbons, porphyric 
heteroatomic hydrocarbons and heteroatom containing hydrocarbons [6]. 
Tar sand bitumen, pictured in Figure 2.2, falls in the category of extra heavy oil and has an 
API gravity of 5 – 10 oAPI. It remains immobile in a reservoir, due to its high viscosity, and 
its recovery is impossible in its natural state by conventional oil well production techniques.  
Residuum (vacuum residuum) is the residue obtained after the atmospheric or vacuum 
distillation and has an API gravity ranging from 2 – 8 oAPI. The residuum is very viscous, 
black and can be solid or liquid at room temperature depending on the distillation and on the 
nature of crude oil [9] . 
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2.1.3 Hydrocracking Feed 
This section briefly describes heavy oil and its components. The major issue with heavy oil 
fractions is the complexity of the feedstock and the analysis of its components. It has a low 
H/C ratio, therefore to convert heavy oil to lighter products it is required to increase the H/C 
ratio [10]. These fractions have a broad molecular weight distribution. Thus, a better 
understanding of the behaviour of heavy oil components during the reaction can result in the 
improvement of the hydrocracking process.  
The type of hydrocracking is very much dependent on the feed that is being used. Distillate 
hydrocracking and residual hydrocracking [11] require different reaction conditions and 
catalysts. Therefore, residual hydrocracking catalyst supports are mostly composed of 
alumina, high surface area and pore volume, whereas distillate hydrocracking catalyst 
supports are mostly composed of silica, with a lower surface area and pore volume [12].  
Feed Composition 
Petroleum composition varies with the location and age of the oilfield but also with the depth 
of each well. A great deal of research has been carried out in order to gain a better 
understanding of its composition. In general petroleum, heavy oil, bitumen and residua 
consist of complex mixtures of asphaltenes, resins, hydrocarbons, nitrogen compounds, 
oxygen compounds, sulphur compounds and metallic constituents, such as vanadium and 
nickel [5] [13] [14] [15] [16].  
It is believed that asphaltenes are the most complex, high molecular weight, polar and highly 
aromatic molecules present in petroleum [5]. Many attempts have been performed to develop 
a model representing the structure of asphaltenes [7] [17]. A hypothetical asphaltene 
molecule, associated with a few metalloporphyrins, is represented in Figure 2.3. 
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Figure 2.3: Hypothetical asphaltene molecule in Maya crude, reproduced from [8]. 
The model of Athabasca asphaltene depicted in Figure 2.4 shows some of the reactions taking 
place during hydrocracking. The cleavage of the weak bonds occurs on sites 1. Cracking of 
sites 2 takes place in the positions that are more distant from the aromatic ring. Finally, 
naphthenic rings, in sites 3, are more stable than methylene bridges, however they constitute 
another potential cracking site [18]. 
 
 
Figure 2.4: Molecular structure of asphaltene derived from Athabasca bitumen, 
reproduced from [18]. 
The hydrocarbon constituents of petroleum can be divided in paraffinic, naphthenic and 
aromatic groups. The relationship between hydrocarbon constituents in crude oil, described 
by Speight [7], is one of hydrogen addition or hydrogen loss as shown in Figure 2.5. 
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Figure 2.5: Hydrogen addition/loss relationship between hydrocarbon constituents in 
petroleum, reproduced from [7]. 
Paraffins are saturated hydrocarbons with straight or branched chains, with no ring structure. 
The proportion of paraffins varies depending on the crude oil and usually decreases with 
increasing molecular weight of a petroleum fraction while at the same time the proportion of 
aromatics and heteroatoms increases in the crude oil. Thus, free paraffins may not be present 
at all in vacuum gas oil fractions. However, they can occur in asphaltene fractions as alkyl 
side chains on aromatic or naphthenic systems. These alkyl chains can be made of 40 or more 
carbon atoms. 
Naphthenes or Cycloparaffins are saturated hydrocarbons containing one or more rings, each 
of which can have one or more paraffinic side chains. From the cycloparaffins (naphthenes) 
that have been isolated so far, cyclohexane derivatives, cyclopentane derivatives and decalin 
derivatives represent a large proportion in oil fractions. Cycloparaffins can occur as 
polycyclic structures, containing 5- or/and 6-membered rings. The main variations in the 
structure of naphthenes are the number of rings present in the molecule. Mono or bicyclic 
naphthenes are present in lower boiling fractions of petroleum. In higher boiling point 
fractions, cycloparaffins can be composed of two to six rings per molecule [7]. 
Aromatics are hydrocarbons containing one or more aromatic rings, such as benzene, 
naphthalene, phenanthrene, which can be connected with naphthene rings or paraffinic side 
chains. Thus aromatics contain paraffinic chains, naphthene rings and fused aromatic rings. 
The proportion of aromatic hydrocarbons usually increases with increasing molecular weight 
Paraffins
CH3(CH2)4CH3
Naphthenes
Polynaphthenes
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of petroleum. Aromatic compounds, such toluene and xylene isomers, 1- and 2-
methylnaphthalenes and other simple alkyl naphthalenes have been isolated from crude oil. It 
has been found that in higher molecular weight fractions these rings are condensed together.  
Crude oil also contains large amounts of organic nonhydrocarbon constituents. These 
constituents tend to concentrate in the heavier fractions of crude oil and in non-volatile 
residues. These nonhydrocarbon constituents consist of [16] [17] [19]: 
Sulphur Compounds are present as thiophene homologs and as sulphides. 
Oxygen Compounds have been studied the least out of the constituents of petroleum. Oxygen 
is present in furan homologs, ethers and as polar functional groups. 
Nitrogen Compounds are present in nonbasic derivatives of pyrrole and basic derivatives of 
pyridine. 
Metallic Constituents (Iron, Nickel, Vanadium) are present in two organic forms, prophyrin 
metals and nonporphyrin metals. 
2.1.4 Refinery Products 
Products obtained from refineries are very much influenced by the market demand. 
Nowadays, oil use is concentrated in two main sectors, transport and petrochemicals [3]. 
Among oil products, diesel is seeing the largest increase in demand and is expected to rise by 
more than 5 million bbl/d between 2012 – 2035, whereas gasoline demand will only rise by 
2 million bbl/d during the same period. 
2.2 Upgrading 
2.2.1 Chemistry 
Refinery processes for heavy oil/residuum upgrading follow two main routes [8]. 
Carbon Rejection  
Carbon is removed as a product that has low atomic hydrogen to carbon ratio, as shown in 
Equation ( 2.1). The processes employing carbon rejection include thermal cracking, coking 
visbreaking, solvent deasphalting, and catalytic cracking. 
 C!H! → C+ C!!!H! ( 2.1) 
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Hydrogen addition  
Hydrogen addition employs hydrocracking or hydrogenolysis mechanisms. These include 
hydroprocesses such as non-destructive hydrotreating, destructive hydrocracking, 
hydrovisbreaking. Hydrogen addition processes may or may not require a catalyst.  Catalytic 
hydrotreating has to be operated at high pressures and temperatures. Non-catalytic 
hydrotreating such as hydrovisbreaking and hydropyrolysis are operated under similar 
conditions, although thermal hydroprocessing can occur [6]. The hydrogen addition reaction 
is shown in Equation ( 2.2). 
 C!H! + H! → C!H!!! ( 2.2) 
2.2.2 Processes 
Many advances in the petroleum industry have led to the present processes. These processes 
are illustrated in Figure 2.6. 
 
Figure 2.6: Temperature and pressure ranges for different refinery processes, 
reproduced from [7]. 
Thermal Methods 
Thermal methods are the oldest conversion processes. They enable the upgrading of high 
boiling point to low boiling point components without the use of catalysts. Thermal methods 
include processes such as thermal cracking, visbreaking and coking. 
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Thermal Cracking 
Thermal cracking was developed in the beginning of 1900. It was employed to upgrade high-
boiling point products obtained from the distillation to useful gasoline [20]. This process is 
rarely used nowadays due to its inability to produce gasoline economically. This is caused by 
the heavier nature of feedstocks and the change of antiknock requirements of the modern 
automobile industry. Since 1960 very few new units have been set up [7]. 
Visbreaking 
Visbreaking, as depicted in Figure 2.7, is also a thermal process introduced in the late 1940’s. 
It employs a mild thermal cracking operation with the aim of decreasing the viscosity of 
heavy oil, without converting the distillates. 
 
Figure 2.7: Visbreaker unit, reproduced from [7]. 
Coking 
Coking is another thermal process type. It is considered to be the descendant of thermal 
cracking due to the addition of units to the latter and the use of longer reaction time. The role 
of the coking unit differs from the visbreaking unit: it thermally converts all of the feedstock, 
producing mainly coke and gases. The yield of coke is proportional to the amount of carbon 
present in the residue. The gas oil obtained is then directed as feedstock to the catalytic 
cracking unit. Delayed coking is a semi-continuous process, whereas fluid coking is a 
continuous process. Finally, flexicoking converts coke to a mixture of carbon monoxide, 
carbon dioxide and hydrogen. 
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Catalytic Methods 
Catalytic cracking presents several advantages over thermal cracking. The gasoline produced 
possesses a higher octane number and consists mainly of iso-paraffins and aromatics, with 
better stability than monoolefins and diolefins present in the thermally cracked gasoline. The 
sulphur content in the catalytically cracked gasoline is lower than in the thermally cracked. 
More useful gas oil and less heavy residua or tar are produced. Finally, catalytic processes 
have great flexibility, allowing to produce both motor and aviation gasoline [7]. 
Fluid Catalytic Cracking (FCC) 
In the late 1940’s, it was observed that catalyst use improved the efficiency of refinery 
processes. Consequently, thermal cracking was converted to catalytic cracking. Fluid catalytic 
cracking, as illustrated in Figure 2.8, is largely employed for the cracking of petroleum gas 
oils and heavy feedstocks to produce gasoline and lower boiling point products. The main 
disadvantage of this process is the fast catalyst deactivation caused by carbon deposition 
during the reaction, which requires continuous regeneration. The FCC unit is composed of 
three main sections, the reactor, the regenerator and the fractionator. 
 
Figure 2.8: Fluid catalytic cracking unit (FCC), reproduced from [7]. 
Feedstock mixed with catalyst enters the reactor. The cracking reaction is fast and produces 
light gases, high-octane gasoline and heavier products. However, the catalyst is quickly 
deactivated due to the deposition of a coke layer. The outlet temperature of the reactor 
determines the conversion and the product selectivity. The products are then sent to the 
fractionator and the catalyst to a regenerator. The coke layer is burnt by fluidized combustion 
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in the presence of air. The regenerated catalyst is then returned to the reactor where the cycle 
starts again [21]. 
The FCC process increases the hydrogen/carbon (H/C) ratio by rejecting carbon, whereas 
hydrocracking, described in the next paragraph, increases the H/C ratio by adding hydrogen. 
Thus FCC and hydrocracking processes have very different operating conditions, product 
yields and product properties [22]. For instance, catalytic cracking of phenanthrene over an 
acidic amorphous catalyst produces only coke and small amounts of gases, however 
hydrocracking on an amorphous catalyst produces low molecular weight cyclic products [2]. 
The most significant advance in all these processes is the addition of hydrogen during the 
reaction. 
Hydrotreating 
Hydrotreating is a non-destructive process, meaning that it does not break any C-C bonds. 
Hydrogen is added without the occurrence of cracking reactions and is typically located in the 
refinery process before the hydrocracker. The role of hydrotreating is to improve the product 
quality by removing impurities from the feedstock, increasing the hydrogen content and 
lowering the molecular weight of the feedstock without big losses in the liquid product yield. 
Impurities such as sulphur (S)-compounds, nitrogen (N)-compounds, metal (M)-compounds 
and oxygen (O)-compounds are removed by hydrodesulphurisation (HDS), 
hydrodenitrogenation (HDN), hydrodemetallation (HDM) and hydrodeoxygenation (HDO) 
processes, respectively. Lowering the aromatic content of the feedstock is performed with 
hydrodearomatisation (HDA). HDA reactions can also occur during HDS and HDN processes 
[23]. 
Hydrocracking 
Hydrocracking (or hydrogenolysis) is a destructive process, which is characterised by the 
cleavage of a C-C bond. Hydrogen addition acts together with cracking reactions to obtain 
lower boiling point products. Thus, this reaction upgrades petroleum feedstocks containing 
high boiling point components, such as vacuum gas oils, straight run gas oils, coker gas oils, 
FCC cycle oils, thermally cracked feeds and cracked naphtha, by adding hydrogen and 
cracking to a desired boiling range. The resulting products, which possess a lower boiling 
point, include naphtha, liquefied petroleum gas (LPG), gasoline, kerosene, diesel fuel, jet fuel, 
heating oil, petrochemical feedstocks, FCC feedstocks [2]. Throughout the hydrocracking 
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reaction, trace metals and heteroatoms are removed, olefins and multi-ring aromatics are 
saturated and the H/C ratio is increased. 
Comparison of Refinery Processes 
The conversion to liquid products of all these processes is shown in Figure 2.9, demonstrating 
that hydrocracking has the highest feedstock conversion to desired liquid products. 
 
Figure 2.9: Feedstock conversion to liquid products, reproduced from [7]. 
The main advantage of hydrocracking over FCC is the production of more hydrogenated 
products and a high liquid yield. The hydrocracking process has the flexibility to treat heavy 
feeds rich in polynuclear aromatics, which are resistant to catalytic cracking, and the ability to 
produce many different products, from gasoline to middle distillates, by varying the catalyst 
used [2]. A comparative study demonstrated that the quality of gas oil obtained by 
hydrocracking was superior to that obtained by FCC. Furthermore, diesel fraction produced 
by hydrocracking contained less aromatics, less sulphur and a higher cetane index [2]. 
Industry experts claim that hydroprocessing will be the key technology that will enable fuel 
production to meet the growing demand, as well as the required quality specifications. The 
main disadvantage of hydrocracking is that it is a more expensive process than FCC. 
Hydrogen consumption is a major parameter in the unit design and operation, and excess 
hydrogen usage can lead to increased utility cost and decreased quality of the product. 
Moreover, the choice of catalyst and unit configuration can greatly affect the product quality 
and yield [24]. Finally, the price of hydrocracking catalysts is higher than that of cracking 
catalysts; nevertheless the former can be kept for longer in the unit. 
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Environmental Concerns 
Sulphur levels in distillates are a major environmental concern. The European Union imposed 
in 2000 new regulations for fuel production aiming to protect the environment. The new 
requirements concern reformulated gasoline, low sulphur diesel, low sulphur gasoline and 
ultra-low sulphur diesel. 
Environmental laws now oblige refineries to decrease the amount of pollutants released in the 
air, such as the SOx, NOx, CO2 and hydrocarbons. SOx react with water vapour to produce 
sulphurous and sulphuric acids that return back on the earth as acid rain. NOx destroy the 
ozone layer in the stratosphere. Finally, CO2 is a major greenhouse gas. The modification and 
improvement of refinery operations is indispensable if the reduction of the amount of 
pollutants produced is to be achieved.   
2.3 Hydrocracking 
2.3.1 History 
Hydrocracking is one of the oldest hydrocarbon conversion processes [24]. The precursor of 
hydrogenation dates back to 1897 and originated from a discovery made by Sabatier and 
Senders. Their findings showed that unsaturated hydrocarbons could be hydrogenated in the 
vapour phase with the help of a nickel catalyst [25]. Fortunately, this discovery coincided 
with the progress of the automobile industry, which required gasoline, motivating the research 
in the field. Later in 1904, Ipatieff introduced to the hydrogenation reactions high hydrogen 
pressures. Hydrocracking technology was initially developed in Germany between 1915 and 
1945 to produce liquid fuels derived from lignite (also called brown coal). Bergius in 
Hanover, Germany, undertook this research with the aim of cracking heavy oils and oil 
residua and converting coal into liquid in order to produce gasoline [23]. The first commercial 
hydrogenation process for brown coal was commissioned in Leuna, Germany in 1927. It was 
considered to be the first commercial hydrocracking process. The plant converted brown coal 
into gasoline using tungsten sulphide as a catalyst in a one-stage unit, and later on the 
petroleum residua into distillable fractions. In the 1930’s, Standard Oil Company of Louisiana 
in Baton Rouge commissioned a commercial hydrocracking plant in the United States. The 
plant produced light fuels from heavy gas oil fractions. During World War II, the 
development of hydrogenation was promoted due to military considerations. Two-stage 
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processes were applied in a small scale in Germany, Britain and USA. In Britain, the 
feedstock was comprised of creosote from coal tar and gas oil from petroleum. 
After World War II, hydrocracking technology became less important. Easy access and 
procurement of crude oil from the Middle East led to a loss of interest in conversion of coal to 
liquid fuels.  
Commercial hydrocracking was stopped, as the process was too expensive to operate. Newly 
developed catalytic cracking processes proved to be more economical for converting heavy 
petroleum fractions to gasoline. By the end of 1950, progress in hydrocracking allowed the 
process to be more economical. The first modern hydrocracking operation, was constructed in 
1959 by Standard Oil Company of California. The unit produced 1000 barrels per stream-day 
(BPSD). In 1962, the first licensed hydrocracking unit started up and the first commercialised 
Isocraking process, as illustrated in Figure 2.10 (left), was commissioned by Chevron. This 
configuration converted heavy oil to lube base stock, FCC feed or ethylene plant feed. Three 
years later, the two-stage Isocracking, as depicted in Figure 2.10 (right), was commissioned in 
Chevron’s Richmond refinery in California. It converted gas oil into naphthene rich heavy 
naphtha and jet fuel [23] and achieved total conversion. This configuration optimised yields 
of transportation fuels, middle distillates and naphtha. A rapid growth occurred in the US 
hydrocracking capacity from 3000 BSPD in 1961 to 120,000 BSPD in 1966, and from 1966 
to 1983 the capacity in the US increased by a factor of 8. Many major petroleum oil 
companies invested a great deal of research in hydrocracking technology. In the mid 1960’s, 
seven different hydrocracking processes were offered for license [2]. 
  
Figure 2.10: Single-stage, once through (SSOT) Isocracking, the simplest and least 
expensive (left) and Two-stage Isocracking (right), reproduced from [24]. 
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There were several factors that contributed to the development of hydrocracking processes in 
the 1960’s. The automobile industry was manufacturing high performance cars that required 
high-octane gasoline. Catalytic cracking was growing, producing not only gasoline but also 
refractory cycle stock, which was difficult to convert to gasoline and lighter products. 
Hydrocracking technology could convert refractory cycle stock to gasoline. Finally, the 
switch of railroads from steam to diesel engines after World War II and the use of commercial 
jet aircrafts increased the demand for diesel and jet fuel. Hydrocracking could meet these 
demands, due to the flexibility of the process, enabling the production of these fuels from 
heavy feedstocks. 
In the early 1970’s, hydrocracking technology continued grow in the United States. However, 
by mid-1970’s, hydrocracking became a mature process. Growth became moderate partly due 
to the high cost of hydrogen, rendering hydrocracking a more expensive process compared to 
catalytic cracking for gasoline production. 
In the 1980’s and 1990’s, hydrocracking grew at a small pace in the United States, but it 
demonstrated a significant growth in the rest of the world, such as Middle East, Asia-Pacific 
region and Europe [2]. The growth of hydrocracking was mainly caused by the increase in the 
demand of middle distillates and the processing of heavy feedstocks. 
Good quality of fuel distillates, acquired from hydrocracking of heavy oils and gas oils, have 
led to this process being the preferred upgrading method in places where diesel and jet fuels 
are required. 
2.3.2 Processes 
Different hydrocracking configurations are currently available. Their common aim is to 
remove the undesirable aromatics from the heavy feeds by adding hydrogen to produce lighter 
and cleaner products. Most of hydrocracking units use a fixed-bed of catalysts with a 
downflow feed. The hydrocracking processes can be grouped into two main categories, 
single-stage and two-stages.  
Single-Stage Once-Through Hydrocracking 
This is the simplest configuration for a hydrocracker and this type of unit is the lowest cost 
hydrocracking unit [26]. This configuration uses one catalyst in a single reactor. The feed 
mixes with the hydrogen and goes through the reactor. The effluent passes through a high and 
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low pressure separators, where the hydrogen is recovered [2] and liquid products are sent for 
fractionation. The final products are recovered and the unconverted products become 
feedstocks for FCC units, ethylene plants or lube oil units. The conversion of feed to products 
is typically 60 – 70 vol%, and can go up to 90 vol%. 
Single-Stage with Recycle Hydrocracking 
This configuration shares many similarities with the single-stage once-through hydrocracking 
configuration. The fresh feed is mixed with hydrogen, passed downwards through the catalyst 
bed and the effluent from the reactor is separated in a series of separators. In this case, 
however, the hydrogen, recovered from the high and low pressure separation stage, is 
recycled to the reactor together with fresh make-up hydrogen. The recovered liquid is sent to 
the fractionator where the final products are separated from the unconverted products. The 
unconverted feed is mixed with the fresh feed and is sent back to the reactor to be further 
converted. It is the most cost-effective design unit and can achieve 100% conversion of 
feedstock to products. 
 
Figure 2.11: Flow diagram of a hydrotreater and single-stage hydrocracker (or the first 
stage of a two-stage hydrocracker), reproduced from [27]. 
The flow diagram in Figure 2.11 depicts a reactor section that performs two functions, pre-
treating and cracking and both take place in two different reactors. The feed passes the first 
hydrotreating reactor, containing hydrotreating catalysts, that converts the heteroatoms in the 
Hydrocracking 
Hydrotreating 
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feedstock. This reactor operates at temperatures of 300 – 425 oC and hydrogen partial 
pressures of 8.5 – 17 MPa. The feed passes through the hydrocracking reactor, which contains 
the hydrocracking catalysts. The second reactor operates at temperatures of 300 – 500 oC with 
the same hydrogen pressure as in the first reactor [27]. 
Two-Stage Recycle Hydrocracking  
This process configuration, depicted in Figure 2.12, is frequently used for large throughput 
units. Hydrotreating and some hydrocracking occur in the first stage. The effluent is then 
separated, fractionated and the unconverted oil is passed to the second stage where it is 
hydrocracked. The unconverted oil from the latter stage is directed back to the common 
fractionator. The catalysts employed in the first stage are the same as those used in the single 
stage configuration. The reaction in the second stage occurs in near absence of ammonia and 
hydrogen sulphide, thus allowing to use either noble metal or base metal sulphide 
hydrocracking catalysts [27]. 
A variation of that process is the Separate Hydrotreat Two-Stage Hydrocracking, which has 
two-stages but each stage has a separate hydrogen circulation loop instead of a common one 
[27]. This enables the reaction in the second stage to take place in the absence of hydrogen 
sulphide and ammonia. 
 
Figure 2.12: Two-stage hydrocracking unit, reproduced from [27]. 
Licensors tend to give different names for their hydrocracking units. The most well 
established commercial vacuum residue hydrocracking processes include Isomax by Chevron 
and UOP, LLC, Unicracking by UOP, GOFining by Exxon Research and Engineering, 
Ultracracking by BP Amoco, Shell by Shell Development Co. and Unibon by UOP, LLC. All 
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of these processes are fixed-bed with liquid downflow with the exception of H-Oil and LC-
Fining. The former uses an ebullated-bed with upward flow and the latter, an expanded-bed 
with upward flow [28]. 
2.3.3 Reactor Types 
The nature of the feed is usually the determining factor for the reactor choice. Generally most 
commercial hydrocracking reactors are downflow fixed-bed catalytic reactors. The 
development and advances in reactor design have enabled the usage of catalytic beds other 
than fixed-bed. The reaction can now take place in a fixed-bed/trickle-bed, moving-bed, 
ebullated-bed, fluidised-bed or slurry-phase reactors. A combination of these can also be 
possible [7]. 
Fixed-Bed/Trickled-Bed Reactor (FBR/TBR) 
It was the first commercial process to be employed. The catalysts are placed on a bed in the 
reactor. A mixture of liquid feedstock and gaseous reactants is passed through a fixed-bed of 
catalysts [22]. Fixed-bed reactors (FBR) are employed most commonly worldwide and are 
mostly used for naphtha, gas oil, atmospheric (AR) and vacuum residue (VR) treatments. The 
advantages of the FBR are that they are easy and simple to operate, easy to maintain, low cost 
and reliable. This makes them the most used reactor systems in commercial operations. 
Disadvantages are maldistribution of liquids, bed plugging and gradual deposition of metals 
on the catalysts when residue is processed. 
Moving-Bed Reactor (MBR) 
Moving-bed reactor contains catalyst, which enters from the top of the reactor. The catalyst 
moves slowly down the reactor as it is taken out of the reactor. The deactivated catalyst exits 
the reactor from the bottom. The feedstock can enter the reactor in either counter- or co-
current flow. Some advantages are high catalyst utilisation and tolerance to metals and others 
contaminants, which is greater than in FBR. There are now five commercial units worldwide, 
with the first one being introduced in the 1990’s [29].  
Ebullated-Bed Reactor (EBR)	  
The ebullated-bed reactor is a process where the feedstock and hydrogen are fed upflow 
through a catalyst bed that expands, minimising bed plugging and reducing any pressure 
drops. This engenders a turbulent three-phase mixing where a uniform temperature 
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distribution needs to be ensured. The advantages are flexible operation, ability to add or 
remove catalyst to keep the desired activity without interrupting the operation, good back-
mixing in the reactor section meaning that there is good temperature control and low and 
constant pressure drop because bed plugging and channelling are minimised, feed flexibility, 
reaction and product distribution flexibility and low investment costs. However, there are also 
some disadvantages such as the absence of a plug-flow regime, catalyst erosion and attrition, 
high consumption rate of the catalyst, development of stagnant zones, sediment formation and 
the scale up of the EBR is more difficult than with other reactors [8]. 
Slurry-Phase Reactor (SPR) 
The SPR converts residue in the presence of hydrogen under severe conditions. The powdered 
catalyst is mixed with the liquid. This mixture is sent to the reactor where it behaves as a 
single phase. The advantages are that SPR uses low cost disposable catalysts, very poor 
quality feedstocks and has good external mass transfer. The main disadvantages are that they 
produce very poor quality products because all the feed metals remain in the unconverted 
feed. The catalyst particle size needs to be designed in order to have high levels of 
conversion. The SPR has to be well designed in order to have a mixed three-phase slurry of 
heavy oil, powder catalyst and hydrogen. SPR processes are still at demonstration stage [8]. 
2.3.4 Operating Conditions 
Operating conditions such as temperature, residence time, and pressure can have an important 
impact on the yield and quality of the final products. In general, the process severity, defined 
by the high temperature and pressure in the reactor, increases with the increasing boiling 
range of the feedstock. 
The role of temperature is to increase the feedstock conversion and to shift yields to lighter 
products. The typical temperature used for the hydrocracking of heavy oil ranges from 380 to 
460 oC [5] [30] [31] [32] [33] [34]. Sugimoto [33] investigated slurry phase hydrocracking of 
atmospheric residue at temperatures of 400 – 460 oC in a continuous flow 35 mL microreactor 
and 8 MPa H2 pressure, H2/oil ratio of 1000 Ndm3/dm3 and residence time of 2 h. He 
observed that the bottom fractions decreased with increasing temperature, whereas the light 
fractions such as naphtha, kerosene, light gas oil (LGO) increased at 460 oC. Arribas and 
Martinez [35] noted that ring-opening of 1-methylnaphthalene increased with the increase of 
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reaction temperature. The ring-opening products were subsequently cracked into lighter 
products as temperature kept on increasing.  
Mosio-Mosiewski et al. [1] studied the activity of the NiMo/Al2O3 catalysts in the single stage 
hydrocracking of vacuum residue. They used a continuous flow reactor at temperatures of 410 
– 450 oC and 12 – 20 MPa, LHSV of 0.25 – 0.75 1/h. They observed that the reaction 
temperature reduced the volume of the heaviest fractions and the yield of the lightest 
fractions, gases and gasoline were higher with higher temperature. In addition they found that 
the lowering of LHSV improved the vacuum residue conversion process, obtaining lighter 
products and reducing the contents of asphaltenes. Similarly, Arribas and Martinez [35] noted 
that conversion of 1-methylnaphthalene over zeolite catalyst increased when the H2 space 
velocity was decreased. Thus a combination of high reactor temperature and low LHSV 
results in higher conversion levels. LHSV is typically varied between 0.2 to 1.5 1/h. 
Hydrogen pressure on the other hand can affect the degree of hydrogenation of unsaturated 
compounds in the feedstock and the rate of hydrocarbon cracking [2]. Pressure ranges from 
5 – 20 MPa [1] [5] [31] [32] [33]. Mosio-Mosiewski et al. [1] noted that hydrogen pressure 
had a moderate impact on VR hydrocracking process and on hydrocracking products. They 
observed that hydrogenation reactions prevailed over cracking reactions when pressure was 
raised. 
2.3.5 Products 
The hydrocracked products are higher-value fuels. This process is very flexible as the choice 
of the catalyst and unit configuration has the ability of optimising the product quality and 
yield structure [24]. As Furimsky and Massoth described it, the type of catalyst used depends 
on the feed that will be employed for the experiment. For instance, a feed that contains a great 
quantity of aromatics is prone to faster coke deposition on the catalyst. Therefore, the process 
will require a catalyst with a higher activity that will reduce the likelihood of fast coke 
formation [14] [34]. 
2.3.6 Other Applications 
Hydrocracking of Light Cycle Oil (LCO) has gained an increased interest over the past years 
due to the increasing demand of diesel. Hydrocracking can be employed to convert catalytic 
cracker light and heavy cycle oils into naphtha and diesel fuel [2].  
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LCO is produced in fluid catalytic cracking units from heavy oil feedstocks and contains large 
amounts of sulphur in addition to many heavy polyaromatic hydrocarbons. Furthermore, LCO 
obtained nowadays from this process has a very low cetane number and therefore is used as a 
mixture in less valuable fuel oil for ships [38]. LCO cannot be blended with diesel as the 
polyaromatic compounds contained in the former possess a very low cetane number [39]. 
However, this issue can be solved with the use of hydroprocessing to increase the utility of 
LCO. Thus selective hydrocracking can be used over noble metals or nickel molybdenum 
sulphides supported on adequate zeolites. The desired products are ring-opening products 
such as methyl benzenes, suitable for chemical feedstocks, or long chain alkylated mono-
aromatics which are suitable as diesel fuel components with high cetane number and possess 
essentially no sulphur [39]. However care must be taken as excessive hydrogenation and 
strong catalyst acidity may crack LCO into light gaseous hydrocarbons and accelerate coke 
deposition on the catalyst surface. 
2.3.7 Catalysts 
Catalysis has been known for many centuries going back to ancient times; nevertheless the 
mechanisms were still unknown. Only in the 19th century was catalysis more seriously 
investigated and nowadays catalysts have become essential in the refining of oil. The nature 
of the catalyst employed greatly depends on the feed, the desired product and operating 
conditions. The progress of hydrocracking has always been closely linked to the development 
of better catalysts with improved activity and selectivity. 
Catalyst Development History 
Pelleted tungsten sulphide was one of the first catalysts to be developed. It was an excellent 
catalyst as it had tolerance for high concentrations of impurities, like nitrogen, sulphur, but 
was unsuccessful in producing high octane gasoline. Tungsten sulphide on montmorillonite 
catalyst was developed in 1935, nevertheless its tolerance to nitrogen was very poor. 
Tungsten sulphide on HF-treated montmorillonite catalyst was used by ESSO in 1937 for 
aviation gasoline production. The European coal tar hydrogenator utilised a two-stage 
operation to achieve a good octane gasoline. The first stage used unsupported tungsten 
sulphide and the second tungsten sulphide supported on HF-treated montmorillonite. The two 
functions, cracking and hydrogenation, of the hydrocracking catalyst were discovered during 
that period. In 1939, iron on HF-montmorillonite catalyst was developed by ICI. Later on, 
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ESSO developed a nickel on HF-treated montmorillonite catalyst. This catalyst had the ability 
of producing better antiknock quality gasoline but the nickel poisoning was very rapid. Thus 
tungsten sulphide on HF-treated montmorillonite was utilised in the first stage for sulphur 
removal and nickel on HF-treated montmorillonite for the second stage.  This method was 
commercially used from 1940 to 1944 for aviation gasoline production. The dual function 
concept of a catalyst, having two distinct kinds of sites, was introduced by Mills et al. [40] in 
1953. Later, Weisz and Swegler [41] demonstrated for some reactions to take place, such as 
hydrocracking, both metallic and acidic sites had to be present on the surface of the catalyst. 
The reaction scheme they described, presented in Figure 2.13, is as follows: 1) the reactant 
converted into olefins by hydrogenation-dehydrogenation reactions, 2) the olefins were then 
protonated at the acid sites forming carbenium ions, which then underwent skeletal 
isomerisation, cracking or alkylation, 3) the products were desorbed from the acid sites as 
olefins, that were hydrogenated by the metal sites. 
 
Figure 2.13: Hydrocracking mechanism of n-paraffins, reproduced from [26]. 
Catalysts with amorphous supports such as nickel on silica-alumina [13] were later developed 
and are still in commercial use. They demonstrated better resistance to nitrogen. Catalysts for 
mild hydrocracking, similar to the ones used for hydrotreating, were also developed and 
consisted of group VIA and VIIIA non-noble metals supported by γ-alumina. In the 1970’s, a 
great deal of interest was demonstrated in zeolite catalysts, X, Y and mordenite [12]. 
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Catalyst Chemical Structure 
Hydrocracking catalysts have two functions, as depicted in Figure 2.14, a cracking function 
performed by an acidic support (i.e. amorphous silica-alumina, alumina, zeolites) and a 
hydrogenation-dehydrogenation function provided by noble metals (i.e. palladium, platinum) 
or non-noble metals (i.e. cobalt, molybdenum, tungsten, nickel) [23]. Some common catalysts 
are CoMo/γ-Al2O3 or NiMo/γ-Al2O3.  The ratio between these two functions is regulated to 
achieve the highest activity, stability, product quality and selectivity. A rapid molecular 
transfer must take place between the acid sites and the hydrogenation sites in order to have an 
effective catalyst and avoid secondary reactions. This rapid transfer can occur by having the 
hydrogenation sites located close to the cracking sites [2]. These catalysts also undergo 
deactivation, depending on the feed composition and on reaction conditions.  
 
Figure 2.14: Composition of hydrocracking catalysts, reproduced from [2]. 
Cracking Function by Acid Sites 
The cracking function is undertaken by a support on which metals, providing the 
hydrogenation function, are located. As described by Scherzer and Gruia [2], the high surface 
area of the support enables to have a better dispersion of the hydrogenation metals. The acid 
support can consist of (1) an amorphous oxide (i.e. silica-alumina), (2) a crystalline zeolite 
(mainly modified Y zeolite) plus binder (i.e. alumina), or (3) a mixture of crystalline zeolite 
and amorphous oxides [2]. The acidity of the support contributes to the cracking function of 
the catalyst and a high surface area helps the dispersion of the hydrogenation metals. 
Different types of supports are described in more detail in the following paragraphs.  
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Alumina 
Alumina is the most widespread support used in hydroprocessing catalysts and is a good 
choice in terms of activity enhancement, as mentioned by Grange [42]. It is favoured for its 
high surface area, stability, and affordability. As indicated by Ledoux [15], γ-alumina is the 
preferred phase out of the different alumina phases as it has been found to be the most active 
one. Furthermore, alumina is considered as an extremely good support for sulphided catalysts. 
This is due to the homogeneous dispersion of metals in the desired crystal form, providing 
higher catalytic activity for hydrogenation [39]. 
Silica-Alumina 
Amorphous silica-alumina acts as the acidic support and is favoured in commercial 
amorphous catalysts. It is also a component of many zeolite-based catalysts. Amorphous 
silica-alumina has a catalytic role in low-zeolite hydrocracking, whereas in high-zeolite 
hydrocracking it acts mainly as a support for metals and as binder [23]. Like alumina, it is 
responsible for the cracking function of the catalyst and serves as support for the metals that 
provide the hydrogenation function. The advantage of silica-alumina for hydrocracking is that 
it possesses large pores giving access to bulky feedstock molecules to the acidic and active 
sites and has moderate activity.  
Zeolites  
Zeolites are natural or synthetic microporous, crystalline aluminosilicates constituted of Al2O3 
and SiO2. The most common zeolite used in hydrocracking is the synthetic Y zeolite, which 
has a structure very similar to the natural zeolite, and has the advantage of being highly 
active. The main advantages of zeolites over amorphous silica-alumina are 1) high cracking 
activity due to greater acidity, 2) low coke formation, 3) high NH3 resistance, 4) 
regenerability, 5) better resistance to nitrogen and sulphur compounds [43] [44]. The zeolite, 
in hydrocracking catalysts with high-zeolite content, is responsible for the cracking activity of 
the catalyst. In low-zeolite content catalysts, the zeolite and the acidic amorphous component 
such as silica-alumina are responsible for the cracking activity of the catalyst. Some zeolites 
that are used as hydrocracking catalysts are synthetic X, Y, modernite, ZSM-5 [19], beta [45], 
USY, MCM-22, MCM-41 [45]. Zeolites are favoured because of their high surface area and 
porosity, allowing the reactive molecule to access the acid sites [18] [21]. In a study aiming 
the cracking of tetralin and decalin over a set of zeolites such as ZSM-5, MCM-22, ITQ-2, 
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USY, Corma et al. [45] observed that pore size and topology demonstrated a strong influence 
on the activity and selectivity of reactions such as ring-opening, dealkylation, hydride transfer 
and coke formation. The zeolite with the ultra large pores presented higher activity, enabling 
flat molecules to diffuse inside the pores.  
Other 
Other types of supports have been investigated such as pillared clays, layered silicates, and 
acid metals. These supports are not discussed further as they have not been used in the same 
extent as alumina, silica-alumina and zeolite supports for hydrocracking reactions. 
Support Acidity 
Both Brønsted and Lewis acid sites are responsible for the catalyst activity [2]. The Brønsted 
acid site on a catalyst is an acid site where the acidic entity is an ionisable hydrogen. The 
Lewis acid site on a catalyst is an acid site where the acidic entity is a positive ion, instead of 
an ionisable hydrogen [23]. During dehydration by thermal treatment, the Brønsted acid 
converts to a Lewis acid. Figure 2.15 depicts the silica-alumina acid sites. It is believed that in 
the reaction of silica and alumina, alumina becomes tetrahedrally coordinated and carries a 
negative charge compensated by a proton. By removing water from the Brønsted acid, a 
Lewis acid site is created. 
 
Figure 2.15: Silica-alumina acid sites, reproduced from [46]. 
It is believed that Brønsted acidity is more desirable because Lewis acidity can possibly 
catalyse coke formation. A catalyst with more acid sites will most probably be more active 
than a catalyst with less acid sites. As Ward noticed, the Brønsted acidity of the zeolite 
sample (containing magnesium and calcium) increases linearly with the decreasing aluminium 
content [47]. He also concluded that the catalyst activity increased with increasing silica-
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alumina ratio of the zeolites. Arribas and Martinez [35] studied the influence of zeolite acidity 
for the hydrogenation and ring-opening of 1-methylnaphthalene on Pt/USY zeolite catalysts 
by varying the acidity. They concluded that the selectivity to desired products increased, at 
constant temperature, with decreasing Brønsted acidity of the USY zeolite. Furthermore, they 
noticed extensive cracking and dealkylation caused by the high density of Brønsted acid sites. 
Ding et al. [48] investigated the acidity of NiMo catalysts on different supports such as 
alumina (Al2O3), silica-alumina (Si-Al) and alumina/zeolites Y and Beta using the Ammonia 
Temperature Programmed Desorption (NH3-TPD) technique. They concluded that the 
sequence of acidity increased in the following order NiMo/Al2O3 < NiMo/Si-Al < NiMo/Beta 
zeolite < NiMo/Y zeolite. This sequence was also observed by Ferraz et al. [49] who 
investigated the influence of support acidity of three sulphided NiMo catalysts deposited on 
alumina, silica-alumina and alumina-Y zeolite. The high acidity of the support increased the 
hydrocracking activity as it enhanced reactions such as isomerisation, ring-opening and 
cracking and also the hydrogenation activity. However, the higher acidity can lead to an 
increase in the yield of naphthenic ring cracking products and to coking [50]. Thus the acidity 
density of zeolites must be adjusted to an intermediate optimum, high enough to achieve good 
conversion but not too high which can lead to fast deactivation [51]. 
Hydrogenation Function by Metal Sites 
Metallic sites are responsible for activating hydrogen and catalysing hydrogenation and 
dehydrogenation reactions. 
The factors that determine the hydrogenation activity are: metal type, ratio between metals (if 
more than one is used), amount of metal used, degree of metal dispersion, metal-support 
interaction, and finally location of metal on support [2]. 
Metals responsible for the hydrogenation function include noble metals such as palladium and 
platinum, or non-noble metals from Group VIA (molybdenum and tungsten) and from Group 
VIIIA (cobalt and nickel). The hydrogenation activity decreases in the following order: noble 
metal > sulphided transition metal > sulphided noble metal.  
Noble metals are usually employed in low-sulphur or sulphur-free environments, because 
their activity decreases due to the sulphur reaction with metals to form sulphides. Since most 
hydrocracking of industrial feedstocks takes place in environments with high concentrations 
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of hydrogen sulphides and organic sulphides, which cannot be removed easily, catalysts with 
non-noble metals are favoured instead [2]. 
The most common non-noble metal combinations used for hydrocracking catalysts are with 
Group VIA (Mo, W) and Group VIIIA (Co, Ni) metal sulphides [2]. The two most popular 
pairs from these groups, used for hydrotreating and hydrocracking processes, are NiMo and 
CoMo supported on γ-alumina. Group VIA metal sulphides promoted by sulphides from 
group VIIIA are responsible for the hydrogenation-dehydrogenation function. The advantage 
of this combination of metal sulphides is that it is sulphur tolerant, however its activity is 
lower than that of platinum or palladium [23]. As it will be detailed in the next section, metals 
are prepared as metal oxides and are required to be sulphided prior to their use. 
The ratio of metals from Group VI and VIII plays an important role. As described by Le Page 
[52], the maximum rate of hydrogenation can be achieved with a ratio [(Co or Ni)/(Mo or W) 
+ (Co or Ni)] equal to 0.25. The possible pairs of metals from Group VIA + Group VIIIA are 
classified in Figure 2.16 by order of decreasing hydrogenating activity. 
 
Figure 2.16: Pairs of metals classified by order of decreasing hydrogenating activity, 
reproduced from [20] [43]. 
It has been observed that the metal sulphides from Group VIIIA act as promoters, interacting 
with the metals sulphides of Group VIA to increase the activity [23]. Furthermore, Le Page 
[52] also demonstrated that the activity of a metal sulphide pair greatly depended on the 
texture and on the kind of support. He suggested that for a specific metal composition, the 
activity increases with the surface of the deposited sulphides. He noted that for the same 
surface, alumina gave a catalyst with a better hydrogenation activity than silica-alumina or 
silica [52]. Hydrogenation function is also greatly dependent on the total amount of metal 
used. 
Cracking and Hydrogenation Equilibrium 
Cracking and hydrogenation functions are interdependent. The metal sites (hydrogenation) 
maintain the acid sites (cracking) of the catalyst clean and active by hydrogenating coke 
precursors. The balance between hydrogenation and cracking is dependent on the constituents 
of the catalyst and on the application the catalyst is used for. This collaboration works up to a 
Ni-W > Ni-Mo Co-WCo-Mo> >
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certain amount of metal loading on the acidic surface. Hydrocracking catalyst must have a 
rapid molecular transfer between the acid and the hydrogenation sites to avoid any secondary 
reactions, which is accomplished by locating both sites close to each other. Ramírez et al. [53] 
observed an augmentation in the hydrogenation rate of NiMo and NiW by adding an amount 
of Ti on the Al2O3-TiO2 support, and believed it was due to an electronic promotion of the Ti 
in the support over the Mo or W sulphided active phase. Thus the interaction between the 
support and the active part can have an influence on the catalyst activity and selectivity. Good 
dispersion of the mixed metal oxides on the catalyst support can enhance the hydrogenation 
activity for catalysts whose hydrogenation function is provided by non-noble metals [2]. 
Catalyst Selection 
The selection of the best-suited catalyst for hydroprocessing reactions depends on different 
factors. These factors include the nature of the reaction/process, feed composition, product 
selectivity and distribution [31] [32] [33]. Despite the fact that the purpose of the reaction 
process may change, catalysts most commonly used belong to the same family (metal 
sulphides of Group VIA (Mo, W) promoted by metal sulphides of Group VIIIA (Ni, Co)). 
The activity of these pairs of sulphides varies depending on the purpose of the process, thus 
they should be carefully selected. 
Catalyst Activation 
After the catalyst is prepared, it needs to be activated prior to its use. The activation of 
catalysts containing noble metals, in which metals are present as oxides, consists of a 
hydrogen reduction of the catalyst. Activation of catalysts with non-noble metals requires to 
transform the catalytically inactive metal oxides into active metal sulphides [2]. Noble and 
non-noble hydrocracking catalysts are both calcined at the manufacturing facility and are 
provided in a metal oxide form to the refiners. Catalysts are commonly activated in situ, in the 
reactor before the reaction. Non-noble catalysts can also be activated ex situ, outside the 
reactor, and then transferred into the unit. Activation is a crucial step [2] [54]. Furthermore 
the conditions employed in this step greatly influence and determine the activity, selectivity, 
structure and composition of the active species. In the case of CoMo/Al2O3, different phases 
are formed, which consist of MoS2, Co-Mo-S structure, Co9S8, CoSx, Co-Al2O4 species. 
Topsøe and Clausen [55] mentioned NiMo/Al2O3 presented an analogous behaviour to 
CoMo/Al2O3 catalysts. Thus, in supported NiMo catalyst, the active phase is Ni-Mo-S and Ni 
acts as the promoter. 
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Activation of Non-Noble Metal Catalysts 
Non-noble metals are activated by sulphiding them, in other words converting Group VI and 
VIII metal oxides into metal sulphides. When the catalyst is sulphided prior to its use, the 
process can be called presulphiding [2].  
Sulphiding procedures can be divided in three groups based on the sulphiding agent used: 
1) Presulphiding with H2/H2S gas mixtures. 
2) Presulphiding with non-spiked feedstock. 
3) Presulphiding with spiked feedstock. 
Several studies [11] [52] [56] have been carried out to gain a better understanding on the 
activation conditions. Prada-Silvy et al. [54] investigated three different activation sequences 
of a CoMo/Al2O3 catalyst in the temperature range of 300 – 800 oC.  These consisted of 
activation of the oxide precursor followed by sulphidation; reduction of the oxide precursor 
followed by sulphidation; and finally simultaneous sulphidation and reduction. The most 
active catalyst was the one treated with simultaneous sulphidation and reduction. Delmon [57] 
also argued that catalysts activated a high temperatures were still very active.  
1) Presulphiding with H2/H2S Gas Mixtures 
A mixture of H2/H2S is passed in the reactor containing ~ 2 – 5 mol % H2S. The reactor 
temperature is slowly raised until sulphiding starts and then is maintained at the same point. 
The temperature is then raised. In order to know when the sulphidation step is completed, the 
recycle gas is analysed for H2S. The catalyst is then cooled and can be used with the feedstock 
for hydrocracking. This sulphiding technique is commonly employed in lab scale experiments 
[2]. 
2) Presulphiding with Non-Spiked Feedstock 
Sulphiding is a wet phase process and is achieved with the sulphur already contained in the 
feedstock. In some cases, the catalyst must be pre-treated before its sulphidation. The 
temperature inside the reactor is progressively raised in order to start the decomposition of 
sulphur compounds in the feed and free H2S that will react with the metal oxides to form 
sulphides. Presulphiding of non-spiked feedstocks must be carried out at low temperature in 
order not to compete with reduction reactions converting the trioxide phase to the dioxide 
Background 
 55 
phase (MoO3 to MoO2), which can prevent the formation of the sulphide form. As Grange 
[42] described and also observed by Prada-Silvy et al. [54], MoO3 was transformed during 
sulphidation into a mixture of MoO2 and MoS2. 
3) Presulphiding with Spiked Feedstock 
This is also a wet phase process, where the feedstock is spiked with a sulphur containing 
organic compound [57]. Spiking agents release H2S at a lower temperature compared to the 
sulphur compounds contained naturally in the feedstock. These are illustrated in Table 2.1, 
along with their sulphur content, decomposition temperature and presulphiding temperature. 
They are added to the feedstock prior to the reaction [2]. The presulphiding temperature 
depends on the nature of the sulphiding agent and the degree of sulphiding needed. It was 
noted that the effectiveness of a spiking agent increases as its decomposition temperature 
decreases [2]. 
Table 2.1: Spiking agents used for presulphiding, reproduced from [2]. 
Spiking Agent Sulphur   
(wt %) 
Decomposition 
T (o C) 
Presulphiding 
T (o C) 
Carbon Disulphide (CS2) 84.2 175 240 – 260 
Dimethyl Disulphide (DMDS) 68.1 200 230 – 250 
Dimethyl Sulphide (DMS) 51.1 250 270 – 280 
n-Butylmercaptan (NBM) 34.7 225 260 
Di-tertiary Nonyl Polysulphide (TNPS) 37 160 200 
 
The most commonly used spiking agents are dimethyl sulphide (DMS) and dimethyl 
disulphide (DMDS). Over the past years DMDS or other polysulphide agents have been 
preferred industrially instead of H2S for the following reasons: 1) DMDS and other 
polysulphide agents are easier to handle, 2) they can deliver sulphur gradually by controlling 
the kinetics of their decomposition, 3) they are considered as better sulphiding agents for 
Ni(Co)Mo/Al2O3 catalysts [58] and finally 4) DMDS is inexpensive and has a low volatility. 
Carbon Disulphide (CS2) used to be a popular sulphiding agent; however it is now rarely used 
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due to environmental concerns. Mercaptans usage is limited due to bad odour. Spiked 
presulphiding is commonly used in refineries. It requires low presulphiding temperature and 
gives high sulphur deposition on the catalyst. Prada-Silvy et al. [59] also investigated the 
effect of different sulphiding agents and concluded that butenthiol was the most efficient one. 
As Hallie [58] illustrated it, the catalyst presulphided with spiked agents presented a higher 
activity than catalyst presulphided with non-spiked agents. Spiked presulphiding can be 
completed both in situ and ex situ. During the hydrocracking reaction, non-noble metals must 
be kept in a sulphided form thus H2S must be present throughout the process. The absence of 
H2S could cause the nickel sulphide (or cobalt) to be reduced to metal, which in turn could 
sinter. 
Composition and Structure of Sulphided Catalysts 
Extensive research has been carried out to understand the structure of catalysts, the nature of 
catalytically active sites and the mechanism of reaction. However there is still a great deal of 
uncertainty in this area. It is known that the general activation, from oxide to sulphide in the 
presence of hydrogen, converts metals in their oxide form such as MoO3 to MoS2 by 
removing sulphur from H2S [42]. 
 
Figure 2.17: Schematic representation of the different phases present in a typical 
sulphided alumina-supported catalyst, reproduced from [55]. 
These different phases present in a typical alumina-supported catalyst are illustrated in Figure 
2.17. In the case of NiMo/Al2O3 catalysts, a Ni-Mo-S phase is formed and Ni acts as a 
promoter. In sulphided catalysts, the promoter Ni or Co together with Mo or W behave as 
Co Co
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synergic pairs, meaning that they work together or cooperate. These synergic pairs of active 
sulphides have a major effect on the enhancement of the catalyst activity [55]. 
Different sulphide phases can be formed depending on the amount of metal on the support 
and on the sulphiding temperature. When nickel/molybdenum ratio is high and the sulphiding 
temperature is high as well, there is a tendency to form Ni3S2. Similarly, cobalt/molybdenum 
forms Co9S8. 
MoS2 presents a layered structure with weak interactions between sulphur atoms in adjacent 
layers and has a hexagonal morphology. When the Mo concentration is low, MoS2 consists of 
two-dimensional clusters on the support. At higher Mo concentrations, crystallites of MoS2 
are formed. In the case of CoMo/Al2O3 catalysts, Co is adsorbed on the edge of MoS2 
crystallites forming a structure known as Co-Mo-S phase. This new structure for the active 
phase was proposed by Topsøe et al. [55]. The Co-Mo-S phase is believed to be the main 
active site with Co acting as a promoter. In the case of large amounts of Co, Co9S8 crystallites 
can be present on the support. Furthermore, cobalt may also enter the alumina lattice. 
Catalyst Physical Structure 
The physical structure of the catalyst is highly important as it influences the hydrogenation 
and cracking functions. Therefore, it is essential to choose the size and shape of the catalyst 
according to the properties of the feed, process technology and type of reactor [50]. 
Catalysts can have many shapes, as depicted in Figure 2.18, such as spheres, cylindrical 
extrudates or different forms such as trilobes and quadrilobes and powder. Extrudates are the 
most common shape of catalysts. They can have different forms such as trilobes, twisted 
trilobes and quadrilobes. The shape of the catalyst plays an important role as it can reduce the 
diffusional resistance, create a more open bed and reduce pressure drop [60]. 
  
Figure 2.18: Catalyst shapes, reproduced from [23]. 
Catalysts need to withstand the physical impact of loading, thermal shocks, and resist against 
carbon dioxide, air, nitrogen, steam and sulphur. The porosity of a catalyst can also influence 
its properties. The pore diameter is an essential property because the feedstock is comprised 
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of large molecules, which diffuse in the catalyst pores. For instance, two chemically identical 
catalysts with different pore sizes and distribution will present a different activity, selectivity 
and response to poison. 
According to Speight [20], heavy oil catalysts require large pore volumes and pore diameters 
to be more efficient with and tolerant of large molecules contained in the feedstock. Porosity 
is the most essential feature as the aim is to have a large metal-retaining capacity in order to 
extend the catalyst life [50]. In the case of lighter feeds, surface area is critical. Thus the 
textural properties of the catalyst are more important than the surface area and the chemical 
composition when heavy feeds are to be processed. 
2.3.8 Hydrocracking Chemistry 
The mechanisms of hydrocracking reactions over bifunctional catalysts have been studied 
extensively. Studies with paraffin model compounds have been investigated to a greater 
extent [43] [61] compared to naphthenes, alkyl aromatics and polyaromatics [16] [50] [62]. 
Industrial feedstocks have also been investigated [1]. 
General Mechanism 
In petroleum refining, the majority of hydrocracking reactions follow C-C bond cleavage with 
hydrogen addition over bi-functional catalysts [2]. The other two routes are non-catalytic 
thermal cleavage of the C-C bond and C-C bond cleavage with mono-functional catalysts. 
The main reactions that occur during the hydrocracking process, depicted in Figure 2.19, are: 
aromatics hydrogenation, naphthene ring-opening (or hydrodecyclisation), cracking of side 
chains of the cyclic compounds (hydrodealkylation) and cracking of the long-chain paraffins, 
isomerisation of paraffins followed by cracking. During hydrogenation, reactions in the 
hydrocracking process can lead to partial or total saturation of the olefinic and aromatic 
hydrocarbons. During cracking of aromatics, the side chain is easier to remove (dealkylation), 
however cracking of the aromatic ring requires hydrogenation prior to cracking [2]. 
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Figure 2.19: Reactions occurring during hydrocracking, reproduced from [2]. 
Hydrocracking of Polycyclic Aromatic Model Compounds 
As mentioned in Section 2.1.3, the complexity of the structure of heavy oil and the analysis of 
its components does not allow the easy study and investigation of heavy oil hydrocracking 
reaction mechanisms. This problem can be overcome by replacing the real feedstock by heavy 
oil-related model compounds. This permits to study and gain insight into the reaction 
mechanisms that take place during hydrocracking reactions.  
Model compounds are very often used to represent a specific molecule or group of molecules 
present in the feed to be studied. The majority of ring-opening investigations refer to single 
ring molecules [51]. Model compounds such as naphthenic rings, containing 4, 5, 6 carbons 
atoms, have been extensively studied [61] [63] [64]. For instance McVicker et al. studied the 
ring-opening of alkyl cyclopentanes and alkyl cyclohexanes. Two fused ring model 
compounds such as decalin, tetralin, naphthalene and 1-methylnaphthalene have been used to 
model upgrading of heavy oil fractions, although they have not been studied as extensively as 
single ring molecules [27] [38] [39] [45] [65] [66]. 
Lemberton and Guisnet [67] studied the hydroconversion of phenanthrene over nickel 
molybdenum sulphides supported on alumina in an autoclave. They noted that the reaction 
followed a multistep mechanism consisting of hydrogenation, isomerisation and cracking 
reactions. The initial products obtained were dihydro- and tetrahydrophenanthrenes and 
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cracking reactions consisted of the opening of their staturated rings, the former product 
yielding 2-ehtyl biphenyl and the latter n-butyl naphthalene. Miki and Sugimoto [68] 
investigated the hydrocracking of 1-methylnaphthalene and 2-methylnaphthalene on a 
sulphided nickel-molybdenum on alumina catalyst in an autoclave. They represented the 
possible pathway of ring-opening products from 1-methylnaphthalene and 2-
methylnaphthalene. 
Hydrocracking reactions using zeolite-based catalysts for polycyclic aromatics present a 
similar reaction mechanism as the one suggested for non-zeolite catalysts. The main 
difference lies in the yield and selectivity of the products. Arribas and Martinez [35] studied 
the hydrogenation and ring-opening, under mild hydrocracking conditions, of 1-
methylnaphthalene over Pt/USY zeolite catalyst in a continuous fixed-bed reactor. The main 
products from the reaction consisted of the ring-opening products C11 (same number of 
carbons as in the feed). At low temperature (below 325 oC), methyl tetralins were the main 
products. Kubicka et al. [66] studied the ring-opening of decalin over different types of 
zeolites. They observed that skeletal isomerisation, stereoisimerisation, ring-opening and 
cracking were the main reactions taking place. Ring-opening of decalin was achieved only 
after first being isomerised. Ring-opening products reacted easily forming cracked products. 
2.4 Catalytic Deactivation 
The study of catalyst deactivation is a topic of great importance and research is carried out to 
improve catalyst longevity, which directly affects the economics of the process. Deactivation 
has to be investigated to gain a better understanding on the main reactions taking place, to 
identify the active species and to estimate the life of a catalyst under experimental conditions. 
This will enable the improvement of catalyst resistance to deactivation [69]. 
2.4.1 General Deactivation in Different Processes 
Deactivation of the catalysts can occur by several mechanisms. As researchers have shown, 
the main mechanisms of deactivation are coke deposition and deposition of heavy metals [70]. 
However the mechanisms of deactivation can be distinguished and classified as: poisoning, 
fouling/coking/coke deposition, thermal degradation, and attrition/crushing. These 
mechanisms are more widely part of three types of deactivation: chemical, mechanical and 
thermal [10]. The contribution to deactivation of these mechanisms cannot be easily 
quantified [37] [71]. The sequence in which deactivation, depicted in Figure 2.20, occurs is as 
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follows: initially, coke deposits rapidly before reaching as steady state. At the same time, 
metal deposition occurs in linear patterns with time [37]. This rate of deactivation depends on 
the amount of metals present in the feed. Finally, the deactivation continues with the pore 
constriction and blockage.  
 
Figure 2.20: Carbon and metal deposits on catalyst as function of time-on-stream 
reproduced from [72]. 
2.4.2 Deactivation by Coke Deposits 
Coke Formation and Deposition 
Coke deposition for hydroprocessing catalysts occurs in stages. Researchers have observed 
three phases of initial coke formation [73]. There is initially a fast coke deposition on the 
catalyst at the start of the experiment (also called “fast coke” by Newson) [74]. 
Approximately a third of the fresh catalyst pore volume is filled with coke in the initial time-
on-stream. This deposition is the main cause of initial loss of pore volume.  This coke leads to 
an activity decline and then the catalyst settles at an intermediate level [10]. In a second 
phase, the carbon deposition decreases. The carbon accumulates, dealkylation and 
hydrogenation of aromatic rings occur and the coke deposition reaches a steady state [73]. In 
their experiments, Richardson et al. [75] noticed a similar rapid coke build up on the catalyst 
followed by a constant content of coke. In the third stage, the coke deposition on the catalyst 
surface rose again, leading to the loss of most of the catalytic activity.  
The deposited coke and the final activity losses do not follow the same pattern as the initial 
coke deposition. The coke, together with metals, takes up the remainder of the porosity of the 
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catalyst. Metals, described later, demonstrate a linear deposition with time. Both depositions 
vary greatly with the feed used, hydroprocessing conditions and catalyst structure. Generally, 
it has been noted that the effect of the deactivation from coke deposits on spent catalysts is 
stronger than the one from the metals [76]. 
After the hydroprocessing reaction, deposits that have been formed on the catalyst comprise 
of carryovers of feed, some asphaltene-like solvent-soluble species and some solvent 
insoluble species. The insoluble species that have deposited on the catalyst are referred to as 
coke. The amount of carryovers is variable depending on the de-oiling procedure used during 
the catalyst withdrawal from the reactor. The carryovers can be removed with alkanes such as 
pentane, hexane, and cyclohexane.  The solvents used for the extraction of asphaltenes will 
affect the amount and the composition of the soluble portion on the deposits. These are 
aromatic solvents such as benzene or toluene. However they may be difficult to remove after 
the extraction and might thus polymerise on the catalyst surface and change the structure of 
the organic deposit.  
It has been observed that the two main reactions leading to coke formation are polymerisation 
and polycondensation. Studies demonstrated that the fast coke formation occurs in the 50 first 
hours-on-stream. The metal and carbon depositions cause reductions in the specific surface 
area (SSA) and total pore volume (TPV). De Jong et al. [77] performed tests using 
presulphided CoMo/Al2O3 catalyst. The catalyst was almost thoroughly covered by coke 
deposits of a thickness of three to four layers. Around 50% of the coke deposited on the 
surface and most of it agglomerated around the active phase. The coke distribution varies with 
several factors such as the amount of active phase metals on the catalyst, the number of hot 
spots and the position of the catalyst in the reactor bed. 
Several studies have been conducted to understand how the coke build-up occurs, in particular 
its relation with time and position in the reactor, and to investigate where coke levels are 
higher or lower. The mechanisms of coke formation have been described [6] [10] [78]. Figure 
2.21 shows a possible reaction scheme for the coke formation. Coke is formed with reaction 
10 from large aromatic molecules.  These large aromatic molecules are made from the 
condensation of small aromatic molecules (reaction 7) or from the formation of resins 
(reaction 8) or asphaltenes (reaction 9). It has been noted that the formation of large aromatic 
molecules and thus of coke, is faster from asphaltenes than from smaller aromatics and resins. 
On the other hand, saturates form coke very slowly, as it is seen in Figure 2.21, as large 
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aromatic formation necessitates a large number of steps to be carried out. The coke formation 
decreases in the following order asphaltenes > resins > aromatics > saturates.  
 
Figure 2.21: Mechanisms of coke formation, reproduced from [78]. 
Several factors, such as the feed composition and severity of reaction can affect the extent of 
the coke formation and deposition. These are explained in the following paragraphs. 
Feed Composition 
The composition of the feed is an important parameter that can greatly influence deactivation. 
The higher the molecular weight, aromaticity degree or boiling point of the processed feed, 
the greater the rate of coke formation [78]. As mentioned by Vogelaar et al. [79], the residue 
contains oils, resins, and asphaltenes. During the hydroprocessing of residua, oils and resins 
react more than asphaltenes, thus the concentration of asphaltene molecules increases. This 
excess of asphaltene molecules deposits on the catalyst surface and is converted into coke. 
Thus the ability of coke formation of asphaltenes is higher than resins. In the case of feeds 
with similar boiling point range, the one with the higher concentration of coke precursors, 
such as aromatics and heterocyclic compounds, will be more likely to experience coke 
deposition. Coke precursors are present in the feed prior the reaction or are formed during the 
reaction. 
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Catalyst Surface Composition 
The composition of the catalyst surface plays a significant role, as this is where the coke is 
formed. It has been noted that coke initially deposits on the surface of the catalyst and 
penetrates in the particle. Thus it is important to have a surface that will reduce coke 
formation. 
Coke precursors such as alkenes, aromatics and heterocyclics are hydrocarbon groups that are 
the most likely to form coke, as they tend to have a stronger interaction with the catalyst 
surface. If the presence of active hydrogen is not available, these coke precursors can be 
transformed into higher molecular weight species. By contrast the interaction of saturated 
hydrocarbons is less strong.  
Hydrogen Pressure and Operating Temperature 
The sufficient presence of active hydrogen on the catalyst surface has the ability of converting 
coke precursors into stable products before they convert to coke. This effect has been 
confirmed by Thakur and Thomas [70], who noticed that the increase in hydrogen pressure 
minimised the coke deposition on the catalysts and by Richardson et al. [75] who observed an 
increase in coke deposits with decreasing hydrogen pressure. 
Low temperature promotes coke formation, as the conversion of the heavy species is slow and 
these species remain longer on the catalyst’s surface, which in turn increase the possibility of 
polymerisation reactions. At higher temperatures, asphaltenes are converted faster, with the 
parallel help of hydrogen that competes with the polymerisation reactions. However above a 
certain temperature (~ 400 oC), a sudden increase of coke formation takes place. It is believed 
that the cause is due to an increase in dehydrogenation and is followed by polycondensation 
reactions. Furimsky and Massoth [37] suggested that there should be an optimum point where 
the hydroprocessing conditions and the catalyst activity are at their maximum. 
Finally, as the severity of the process is increased (high pressure and high temperature) and as 
the feed becomes heavier, catalysts used for vacuum gas oil (VGO) and residue 
hydroprocessing experience an increase in pore plugging, due to coke deposition, which leads 
to catalyst deactivation. As it was observed by Vogelaar et al. [79], the spent catalyst from 
experiments under normal conditions using diesel experienced more coke deposition than the 
spent catalyst under extreme conditions. 
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Time-on-stream and Position in Reactor 
Tamm et al. [80] conducted experiments on a fixed-bed reactor, and indicated that coke 
deposition depended on the time-on-stream of the catalyst and on its position in the reactor. 
The different distributions of coke on the particles however were greatly dependent on the 
pore diameter and porosity. The position of the catalyst in the reactor can influence the degree 
of deactivation as well as the dominating mechanisms of deactivation [37]. 
Precipitation 
It has been noted that the lower the precipitation time and the lower the solvent-to-oil ratio, 
the lower the asphaltenes precipitation. In addition when the temperature is increased and the 
pressure decreased, the asphaltenes content decreases [81]. 
In a recent study, Sámano et al. [81], characterised spent catalysts recovered from two 
reactions operated at the same conditions each time, the first one with heavy crude oil and the 
second one with deasphalted oil (DAO). The result was that the catalyst recovered from the 
first reaction, involving non-deasphalted oil, had a greater reduction of the SSA and TPV, 
however the one from the second reaction, involving deasphalted oil, presented a smaller 
decrease in its SSA and TPV. 
2.4.3 Deactivation by Metal Deposits 
Metal deposition is another deactivation type for the catalyst. The nature of metal deposits 
depends on the feed that is used. As the experimental temperature is higher, the catalyst 
deactivates faster and has shorter life cycle. 
Deactivation by metals occurs simultaneously with deactivation by coke deposition. In 
contrast to the coke deposition that occurs in stages, metal deposition increases continuously 
with time-on-stream. The continuous deposition is due to the fact the metals, V and Ni, are 
converted to sulphides that autocatalyse the metal deposition reaction. This demetallisation 
reaction continues until all the active sites have been covered by metal deposits. Finally the 
metal deposition can lead to permanent deactivation [82]. 
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2.4.4 Deactivation by Change in Catalyst Structure/ Sintering of the Active 
Phase 
Deactivation due to sintering is another cause for the deactivation of the catalyst. This type of 
deactivation occurs mainly at high reaction temperatures. It is typically caused by a loss of 
catalytic surface area due to crystalline growth of the catalytic phase and a loss of support 
area due to support collapse. Sintering processes are kinetically slow and irreversible, thus it 
is better to prevent sintering from happening [10]. 
2.4.5 Pore Mouth Constriction and Blockage 
The two main modes of coke deposition within catalyst pellets are uniform surface deposition 
and pore mouth plugging. The pore plugging caused by coke or metal deposition is highly 
frequent in heavy oil hydroprocessing. Metal and carbon accumulate at the pore mouth, which 
result in plugged pores of the catalysts. As depicted by Rana et al. [5] in Figure 2.22, the 
deposition of metal can change the number and the nature of pores.  
  
Figure 2.22: Fresh and spent catalysts, with a) CoMo/γ-Al2O3 with 6 nm average pore 
diameter, with b) CoMo/γ-Al2O3 with 17 nm average pore diameter [5]. 
It was noticed that the spent CoMo catalyst had a decrease in specific surface area and pore 
volume of about 20 – 30% and 55 – 60%, respectively. For the NiMo the specific surface area 
decreased of 28 – 35% and the pore volume decreased of 40 – 45%. The high severity of the 
process conditions and the feedstock composition lead to a greater decrease in surface area 
and pore volume [31]. In another study conducted by Yang et al. [83], they noted that the 
porosity loss resulted mainly from coke. However, Yoshimura et al. [84] performed 
experiments with different mesopore diameters. They noticed that the pore diameter of the 
catalyst is also a factor that can determine coke deposition. 
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Indeed, the pore structure of the catalyst can affect the catalyst activity, because diffusional 
limitations have played an important role in hydrocracking. As reported by Vogelaar et al. 
[85], if pores are well accessible coke and metals can deposit evenly thus this can minimise to 
some degree the deactivation of the catalyst. They also suggest putting a guard bed that will 
trap metal, and thus minimise the metal deposition on the VGO and the residue. 
2.5 Summary 
Petroleum is one of the most important sources of energy in the world, especially as a source 
of liquid fuels. However, light crude oil reserves are declining and refiners are increasingly 
faced with poor crude oil quality. Therefore, refineries need to improve their processes to 
cope efficiently and effectively with theses heavier crudes. They have to develop better 
processes to desulphurise and upgrade these heavy feedstocks, such as heavy oil and bitumen 
to obtain gasoline and other liquid fuels. Gaining a better insight into the reaction pathways 
undergone by the chemical structures of the complex components that constitute heavy 
feedstocks is one of the only ways of improving current refinery processes. However, only a 
limited amount of literature can be found, where all the products obtained during the 
hydrocracking reaction have been identified. Therefore, most reaction pathways typically 
presented in literature are based only on speculations. 
Based on this literature review, a continuous fixed-bed hydrocracking reactor (CFBR) has 
thus been developed, constructed and commissioned, which is presented in Chapter 4, to 
further investigate hydrocracking reactions. 1-Methylnaphthalene represents a polyaromatic 
structure present in heavy oil, as described in Section 2.1.3 and 2.3.8. It is chosen in this work 
with the aim of overcoming the issue of the structure complexity of heavy oil, which 
complicates the investigation of hydrocracking reaction pathways. Different operating 
conditions are studied in Chapters 5 and 6 to elucidate their effect on product distribution and 
reaction pathways. Finally, following the “Catalyst Activation” Section, catalyst activation is 
investigated at four temperatures during hydrocracking reactions in Chapter 7. 
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CHAPTER 3 Experimental 
This section focuses on the materials, along with the analytical techniques and the 
experimental procedure used during hydrocracking experiments. 
3.1 Materials 
3.1.1 Feedstock 
The feedstock employed in all experiments is 1-methylnaphthalene (C11-1MN) from Sigma-
Aldrich with 95 % purity. The feedstock also contains a sulphur compound, diheptyl 
disulphide (DHDS) at a concentration of 0.37 mg/g. 
3.1.2 Catalyst 
The catalyst used in these experiments is a ready-made commercial hydrocracking nickel-
molybdenum catalyst supported on γ-Al2O3 (NiMo/Al2O3). The catalyst is in the form of 
quadrilobe-shaped pellets. The precursors (NiMo) are provided by the manufacturer in their 
oxide form, MoO3 and NiO (inactive form), and therefore need activation before each run. 
Table 3.1 depicts the results from the surface area and pore size measurements of the fresh 
and unused catalyst. NiMo/Al2O3 is a mesoporous catalyst. 
Table 3.1: Surface area and pore size measurements of the fresh NiMo/Al2O3 catalyst. 
 BET Surface Area 
(m2/g) 
Pore Size 
(nm) 
Pore Volume 
(cm3/g) 
Fresh NiMo/Al2O3 183.4 9.7 0.61 
 
X-ray fluorescence (XRF) analysis of the fresh (unused) NiMo/Al2O3 catalyst demonstrates 
that sulphur is not present, confirming that this catalyst is not presulphided.
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Figure 3.1: XRD pattern of fresh unsulphided NiMo/Al2O3 (1 = γ-Al2O3). 
X-ray diffraction (XRD) analysis shows subsequently that the sites are well dispersed as 
depicted in Figure 3.1. Only γ-Al2O3 is clearly distinguished with its primary peaks at 2θ = 
46o and 67o. 
 
Figure 3.2: SEM-EDS images of a fresh unsulphided NiMo/Al2O3 catalyst. 
1 1
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This even dispersion is also confirmed by scanning electron microscopy – energy dispersive 
system (SEM-EDS) as shown in Figure 3.2. SEM-EDS has a resolution of 10 nm, and it is 
possible to see that no metal agglomerates are present in the results at this scale. 
3.2 Analytical Techniques 
Analytical techniques, common to several chapters, are presented here, while the specific 
analytical techniques used in each individual chapter will be pointed out as part of that 
chapter. 
3.2.1 Gas Chromatography – Flame Ionisation Detection (GC-FID)  
A gas chromatograph (GC) fitted with a flame ionisation detection (FID) is used to determine 
the amount of the reactant, C11-1MN, that is converted during hydrocracking experiments on 
NiMo/Al2O3 catalyst. 
 
Figure 3.3: Shimadzu GC equipped with FID. 
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The GC-FID, depicted above in Figure 3.3, is a GC-2014 Shimadzu Gas Chromatograph 
equipped with an FID. It is equipped with an Agilent J&W Scientific non-polar HP-5 (5%-
Phenyl-methylpolysiloxane) column. The column is 30 meters long with an internal diameter 
of 0.32 mm and film thickness of 0.25 µm. The GC is operated in a split mode (split ratio = 5) 
with helium as carrier gas.  
The initial column temperature is set at 60 oC. The temperature is ramped at a rate of 5 oC/min 
to 100 oC where it is held for 1 minute. Afterwards, temperature is further ramped at a rate of 
10 oC/min to 320 oC and is held for 10 minutes. The total programme time lasts 41 minutes. 
The injector and FID detector temperatures are kept constant at 250 and 280 oC respectively. 
Each sample is dissolved in chloroform (CHCl3) and 1 µL of the solution is injected into the 
GC-FID. Hexadecane (C-16) is used as an internal standard to improve the precision of the 
quantitative analysis. A known concentration of C-16 is added to each sample analysed. The 
internal standard behaves in a similar manner as the analyte, but provides a different signal 
from the analyte so that it can be distinguished from the latter. Any factor affecting the 
analyte signal will affect the internal standard signal, and the ratio of standard to analyte will 
remain constant. A known mixture of internal standard and analyte is prepared to measure the 
internal response factor (IRF) to each component. It is possible to quantify each species based 
on the IRF relative response. The response factor is obtained and used to calculate the 
concentration of the analyte. Once the concentration is obtained, Equation ( 3.1) is used to 
determine the total conversion of C11-1MN to liquid products. A rough mass balance for 
C11-1MN has been calculated. During an experiment, 360 g of C11-1MN are fed to the 
reactor and almost all of C11-1MN is recovered in the liquid phase at the end of the 
experiment, while 0.0011 g are recovered as solids on the catalyst surface in the form of 
carbon deposits, measured by thermogravimetric analysis (TGA), and less than 0.5 % of the 
initial C11-1MN fed goes into the gas phase. 
Thus, the total conversion of C11-1MN to gases and solids is negligible. 
The total conversion is calculated as  
 Total  Conversion   % = C!" − C!"#C!"   ×100 ( 3.1) 
Where C!" and C!!" are the concentration (g/mL) of C11-1MN in the feed and in the liquid 
products, respectively. 
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3.2.2 Gas Chromatography – Mass Spectroscopy (GC-MS) 
Gas chromatography with a mass spectrometer (GC-MS) is employed to identify the nature of 
the compounds present in the product samples.  
 
Figure 3.4: Varian STAR 3400 CX GC. 
The GC-MS, pictured in Figure 3.4, is a Varian STAR 3400 CX Gas Chromatograph, 
equipped with a fused silica capillary column (30 m x 0.32 mm), operated with helium as gas 
carrier at 0.89 bar, providing 1 mL/min. The GC is connected to a mass spectrometer, a 
Varian SATURN 2000 GC/MS, through a heated transfer line at 300 oC, operating in split 
mode. At an injection temperature of 300 oC, the GC oven is programmed to raise the column 
temperature from 38 oC at 5 oC/min to 100 oC, followed by an increase at 10 oC/min to 
320 oC, which is further held for 10 minutes. The mass spectrometer (MS) is operated with a 
mass range of 40 - 650 m/z. This method enables to analyse both light and heavy formed 
species at an analysis time of 44 minutes [86]. The products are identified by comparing their 
mass spectra to the mass spectra contained in the MS in-built spectrum library search 
software. NIST Chemistry WebBook [87] is used in conjunction to confirm the nature of the 
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products. The samples are diluted in chloroform and the solution is injected into the GC-MS 
for analysis.  
3.2.3 Thermogravimetric Analysis (TGA) 
Thermogravimetric analysis (TGA) is carried out with a Perkin Elmer PYRIS 1 TGA 
thermogravimetric analyser, illustrated in Figure 3.5. This apparatus enables the quantity of 
carbonaceous deposits present on used catalysts to be determined. 
 
Figure 3.5: Perkin Elmer PYRIS 1 TGA thermogravimetric analyser. 
The sample is initially held for 30 minutes at 50 oC under a flow of nitrogen, and then the gas 
is switched to air at a flowrate of 40 mL/min. The temperature is then ramped from 50 oC to 
900 oC at a rate of 10 oC/min and held for 30 minutes at 900 oC. As carbonaceous deposits are 
burnt, their fraction is calculated by subtracting the final sample weight from the initial 
sample weight [88]. 
3.2.4 Surface Area and Pore Structure Measurements  
Nitrogen (N2) adsorption, at – 196 oC, on a Micromeritics TriStar surface area and porosity 
analyser is employed to measure the surface area and porosity of catalysts [89]. The sample is 
dried overnight at 150 oC prior to its analysis, to ensure that moisture and adsorbed gases are 
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removed. Approximately 0.2 g of sample is used for each analysis. The BET method 
developed by Brunauer, Emmett and Teller is used for the surface area measurements. The 
BJH method developed by Barrett, Joyner and Halenda is employed to obtain the pore size 
distribution. 
3.2.5 Scanning Electron Microscopy – Energy Dispersion X-Ray (SEM-
EDS) 
A scanning electron microscope (SEM) is used for the catalyst analysis. The SEM employed 
is a JEOL JSM6400 fitted with Oxford Instruments INCA energy dispersive analytical system 
(EDS) for X-ray elemental analysis of the sample and digital image capture which enables 
line scans and X-ray maps to be produced. The SEM resolution is 10 nm with a magnification 
of ×10 to × 300 000. SEM-EDS is used in conjunction with X-ray diffraction (XRD). 
3.2.6 X-Ray Fluorescence (XRF) 
X-ray fluorescence (XRF) is used to identify and measure the concentrations of sulphur in the 
reactant and in liquid product samples. The XRF apparatus is a Bruker AXS S4 Explorer with 
a wavelength-dispersive X-ray spectrometer, as it can be seen in Figure 3.6. The gas used for 
the analysis of liquids and catalysts is helium. 
 
Figure 3.6: Bruker AXS S4 Explorer XRF. 
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A calibration curve (Figure 3.7) is built for the quantitative analysis of sulphur concentration 
in the samples. Different sulphur concentrations are prepared by mixing a known amount of 
sulphur standard (single element standard from MBH) in 5 g of hexadecane (99 % purity, 
from Sigma-Aldrich). Each sample gives a raw peak signal of sulphur, which is plotted 
against the respective sulphur concentration. This curve is then used to measure the unknown 
amount of sulphur present in the liquid product samples resulting from hydrocracking 
experiments with NiMo/Al2O3 catalysts. 
 
Figure 3.7: Sulphur calibration curve. 
3.2.7 X-Ray Diffraction (XRD) 
X-ray diffraction (XRD) is used for the analysis of fresh and used catalyst samples. The 
purpose of this analysis is to ensure that Ni and Mo are well dispersed on the support. The 
XRD analysis is performed with a PANalytical X’Pert PRO X-ray diffractometer from which 
diffraction patterns of the samples are obtained. Samples are measured with a Ni filter using a 
Cu-Kα radiation (λ = 0.154 nm) at settings of 40 kV, 40 mA. The catalyst samples, initially in 
pellet form, are crushed to powder form.  
3.3 Experimental Procedure 
The continuous fixed-bed hydrocracking reactor (CFBR) set up, from design to 
commissioning, including all safety aspects, is thoroughly discussed in Chapter 4. The 
experimental procedure (start-up and shut-down) used is common to all experiments. The 
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only parameters changed are the temperature (400, 420, 430 and 450 oC) and residence time 
(1, 10, 20 minutes) depending on which experiment is carried out. The pressure is always kept 
constant at 10 MPa. Experiments are performed at 3, 4, 5, and 6 h time-on-stream (TOS).  
At the start of each experiment, catalysts are loaded in a hand-made wire-mesh basket, which 
is then inserted in the middle of the reactor tube, forming the fixed-bed. The reactor is purged 
three times with nitrogen (N2) and pressurised with hydrogen (H2). The reactor temperature is 
then raised to 450 oC by switching on the power supply and setting the desired temperature 
and PID parameters on LabVIEW, which is the primary interface with the control unit and is 
used for setting and monitoring the reaction conditions (further explained in Chapter 4, 
Section 4.3.3). Catalysts are reduced at 450 oC in situ with H2, and sulphidation is performed. 
C11-1MN that contains the sulphiding agent, DHDS, is passed inside the reactor in a H2 
atmosphere. The experimental procedure developed for all experiments is described in the 
following Section 3.3.1. 
3.3.1 Start-Up Procedure 
Preliminary Checks 
- Ensure that everything associated with the CFBR is switched off and that all the fittings are 
well tied. Record cylinder pressures to ensure there is sufficient gas for the experiment. 
- Switch on the control box and the computer. 
Gas Pressurisation and H2 Feeding 
- Pressurise CFBR manually with N2 up to 2 – 3 MPa and inspect for gas leaks. 
- Depressurise CFBR and purge the reactor three times with N2. 
- Pressurise the CFBR to 10 MPa with H2 and change gas flow from manual control to the 
mass flow controller. 
- Control flow of MFC by setting the desired flowrate in LabVIEW interface. 
Heating 
- Insert PID parameters in LabVIEW interface. 
- Insert desired temperature (increase the temperature at 50 oC increments). 
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- Start heating by switching on the power supply. 
Liquid Feeding 
- Switch on syringe pump through the LabVIEW interface. 
- Fill the syringe pump with feedstock located in the feed tank. 
- Start pumping the feed in the process at the required flowrate. 
Cooling Water Circulation 
- Once the syringe pump is on, turn on the cooling water. 
3.3.2 Shut-Down Procedure 
- Stop the heating by switching the power supply off. 
- Stop the liquid flow by switching off the syringe pump. 
- Keep gas flowing but at a lower flowrate and switch from H2 to N2. 
- Depressurise slowly the CFBR. 
- Empty the product tank then drain the reactor by opening the drain valve. 
- Keep N2 gas flow until the temperature in the reactor has reached room temperature. 
- Switch off cooling water. 
- Switch the control box and computer off. 
3.3.3 Liquid Sample Collection 
Liquid samples (approximately 2 – 3 mL) are collected at intervals of 30 or 60 minutes during 
experimental runs through a sample collection point. The samples are then sealed in a 
nitrogen atmosphere and refrigerated. The procedure followed for the analysis of the liquid 
products is depicted in Figure 3.8. 
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Figure 3.8: Procedure for liquid product analysis. 
3.3.4 Catalyst Collection 
The catalyst is collected at the end of each run, after the reactor is opened. It is filtered and 
washed with CHCl3, dried and then sealed in a nitrogen atmosphere. The procedure followed 
for the catalyst analysis is illustrated in Figure 3.9. 
 
Figure 3.9: Procedure for catalyst analysis. 
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3.3.5 Experimental Error Calculation 
The experimental error for all results is taken to be the standard deviation σ!  of the 
measurements. The experimental error has been included in all table and graphs throughout 
the thesis. 
The standard deviation for a sample population of size N is defined as  
 σ! = x! − x !!!!!N− 1  ( 3.2) 
where  
 x = xN  ( 3.3) 
is the mean and x is the sample. 
The results from a set of measurements are thus expressed as the mean x of the measurements 
with the variation in the measurements given by the standard deviation σ! as seen in Equation 
( 3.4) 
 x = x ± σ! ( 3.4) 
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CHAPTER 4 Design, Construction and 
Commissioning of the Continuous Fixed-Bed 
Hydrocracking Reactor 
This chapter aims to explain the rationale behind the design of the Continuous Fixed-Bed 
Hydrocracking Reactor (CFBR) used in this study. It discusses the challenges and solutions 
faced when constructing it, and provides the reasoning behind the choice of the major 
components of the process. A Hazard and Operability (HAZOP) study is conducted and the 
process control system is described. Finally, this chapter presents the commissioning of the 
CFBR. 
4.1 Introduction 
As mentioned in Chapter 2, several reactor types exist. Among them, however, the fixed-
bed/trickled-bed reactor type is the easiest and simplest to operate. The typical operating 
conditions for hydrocracking experiments consist of temperatures ranging from 380 to 460 oC 
[31] [33], pressures ranging from 5 to 20 MPa [30] [32], liquid hourly space velocity (LHSV) 
from 0.25 to 1.5 1/h [30] [32] and H2/oil ratio from 757 to 1780 (Nm3/m3) [32] [34]. Most 
experiments use NiMo/Al2O3 catalysts and heavy oil, vacuum residue as feedstock. 
The present CFBR has been designed and constructed to conduct hydrocracking experiments 
potentially using a variety of liquid feedstocks (heavy oil/vacuum residue/model compounds) 
and hydrogen gas (H2) feedings through a fixed catalyst bed. For the purpose of this work, the 
feedstock employed for hydrocracking experiments is the model compound 1-
methylnaphthalene (C11-1MN). C11-1MN is a polycyclic aromatic hydrocarbon (PAH), 
which contains two fused rings and a methyl group and is a functional group of heavy oil. It 
has been chosen to investigate the effect of parameters such as temperature, residence time on 
the reaction pathway and product distribution during hydrocracking experiments operated in a 
continuous mode. A great deal of research has been carried out on the ring-opening of model 
compounds with single ring molecules [90]. The catalyst used for these experiments is a 
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commercial nickel molybdenum catalyst on an alumina support (NiMo/Al2O3), the 
temperature and residence time have been varied from 400 to 450 oC and 1 to 20 minutes, 
respectively. The ranges of liquid and gas flowrates are 0.1 – 1 mL/min and 75 – 750 mL/min, 
respectively. The pressure has been kept constant at 10 MPa and the H2/C11-1MN ratio is 
750 (Nm3/m3), with a time-on-stream (TOS) of 180, 240 and 360 minutes. 
4.2 Design of the Reactor 
4.2.1 Brief Description of the Reactor  
The CFBR configuration and process diagram are depicted in Figure 4.1 and Figure 4.2, 
respectively. The C11-1MN feed is placed in a feed tank (TK1). The syringe pump is filled up 
with the liquid feedstock, which in turn releases the liquid to the rest of the process at a 
desired flowrate during the experimental run. The feed passes through a check valves and a 
pressure relief valve located on the liquid feeding line (1, in Figure 4.1) and flows upwards 
into the reactor tube (3). The gas feed, hydrogen, comes out of a high pressure cylinder, flows 
through a mass flow controller to attain the desired flowrate, then passes through a check 
valve, all located on the gas feeding line (2) and finally flows upwards in the reactor tube via 
a drilled tube. As the hydrogen comes out of the drilled tube, it is mixed with the feed. The 
mixture then traverses the catalyst fixed-bed where the hydrocracking reaction occurs at the 
set temperature. Products flow out of the reactor and are quickly quenched in a heat 
exchanger (4) and pass through a pressure relief valve and finally end up in a product tank (5) 
that also plays the role of a gas-liquid separator. The gases and volatiles are vented from the 
upper part of the tank (6). The liquid products are recovered from the bottom of the product 
tank at the end of the run. In addition, samples are periodically collected during the 
experimental runs via a sample collection point (7).  
The reactor is at steady state and behaves like a plug flow reactor (differential reactor). It 
follows the plug flow assumptions:  
• The liquid feed and gas are perfectly mixed and the flowrate and fluid properties are 
uniform over any cross-section normal to the fluid motion.  
• There is negligible axial mixing. 
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These plug flow assumptions are valid when there is good radial mixing and is achieved for 
high flowrates, which is the case in the present experiments. Furthermore mass transfer 
limitations can be neglected due to high flowrates.  
The axial mixing can also be neglected when the length divided by the diameter of the reactor 
is ≥ 50, which is the case in this reactor set up. The assumption of no channeling is supported 
by the fact that the catalyst particles are small and the reactor diameter is small and uniform. 
The diameter of the particles is small in comparison to the diameter and the length of the 
reactor tube and the bed packing is uniform. In addition the pressure drop in the catalyst bed 
is minimal, as calculated in Appendix A.2.  
The following three subsections describe the three main segments of the system:   
1) Liquid and gas feeding section 
2) Reactor section 
3) Product recovery section 
 
Figure 4.1: Picture of the continuous fixed-bed hydrocracking reactor system, (1) liquid 
feeding line, (2) gas feeding line, (3) reactor, (4) heat exchanger, (5) product/separation 
tank, (6) back pressure regulator-gas vent, (7) sample collection port.
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Figure 4.2: CFBR process diagram. 
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4.2.2 Liquid and Gas Feeding Sections  
Liquid Feeding 
Two options have been considered for the positive displacement of the liquid: nitrogen (N2) 
pressure flow displacement and syringe pump. These are presented in Table 4.1. 
Table 4.1: N2 displacement and syringe pump options. 
N2 Pressurisation Syringe Pump 
  
 
N2 Pressure Flow Displacement  
In this option, pressurised N2 pushes down the liquid feed, displacing it out of the feed tank. A 
mass flow controller has to be located downstream of the feed tank to control the liquid feed 
flow. 
Advantage 
• Easily implemented 
Disadvantages 
• Flow fluctuations can result from the combined use of H2 and N2 due to gas pressure 
imbalances. 
• A mass flow controller is required to regulate the liquid flowrate. 
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• Commercial mass flow controllers cannot handle high viscosity feeds and very low 
flowrates, increasing the likelihood of blockages. 
Syringe Pump 
The pump (Figure 4.3) is filled with the liquid feed from the feed tank, passing through an 
entry valve (1). The volume of the pump cylinder is 266 mL. The pump then dispenses the 
liquid out to the rest of the process through an exit valve (2). The flowrate range is from 0.001 
to 107 mL/min. Full specifications are given in Appendix A.4. 
 
Figure 4.3: Picture of the syringe pump, (1) entry valve to the syringe pump, (2) exit 
valve to the reactor process. 
Flowrate calculations, Appendix A.1 have been carried out to ensure the available flow range 
of the syringe pump is adequate for the requirements of the process. 
Advantages 
• Simpler process, no need for extra N2 gas cylinder to displace the feed. 
• No pressure instability resulting from the combined use of N2 and H2. 
• Syringe pumps are specifically manufactured for the petro-chemical industry and used 
in research related to heavy oils or oil sands, where they are required to operate at high 
pressures and with highly viscous feeds. 
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• The pump has a wide range of flowrates. 
Disadvantage 
• The syringe pump is an expensive piece of equipment. 
The above comparison demonstrates that the syringe pump is the most favourable alternative 
to the N2 flow displacement system. The syringe pump has been supplied by Teledyne Isco. 
The model is a 260D single pump that can provide flow and pressure control for a variety 
viscous fluids and high pressures. The gas feeding is described in detail in section 4.2.3 under 
the title “Hydrogen Feeding”. 
4.2.3 Reactor Section 
The design, tube material choice and dimensions are based on the conditions required for 
hydrocracking reactions. Therefore, the reactor tube has to withstand high temperature, 
pressure and to be resistant to hydrogen embrittlement. The reactor tube is illustrated in 
Figure 4.4. 
 
Figure 4.4: Reactor tube picture and schematic diagram, (1) liquid feed entry, (2) gas 
feed entry and drilled tube inlet, (3) reactor tube, (4) catalyst fixed-bed level, (5) 
electrodes, (6) reactor tube exit (Note: diagram not to scale). 
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Material 
The tube material choices available are Inconel Alloy 625 and Stainless Steel 316 (SS-316). 
Inconel 625 is a high-temperature alloy and is chosen for its good mechanical properties, good 
resistance to hydrogen embrittlement, high strength and resistance to creep and rupture and 
good corrosion resistance. The alloy 625 (grade 1) has been supplied by TW Metals Ltd. 
Standards  
Inconel Alloy 625 is approved by the Boiler and Pressure Vessel Code (BPVC) of the 
American Society of Mechanical Engineers (ASME) [91], the specification number is ASME 
SB 444 and ASTM B444, for seamless pipe and tube, ISO 6207 for tube, VdTÜV 499 for 
tube. It is also approved by the British Standards BS 3074 NA21 for seamless pipe and tube, 
DIN 17751 for tube and ASME Code case 1935. 
Dimensions 
The outer diameter (OD) of the reactor tube is 1/2’’ (12.7 mm) to ensure that there is enough 
space to accommodate the gas injection line and the catalyst bed. Once the OD is decided, the 
next step is to choose an adequate tube thickness that can withstand the high pressure and 
high temperature. 
Tube Minimum Thickness and Diameter  
The minimum thickness of the tube, depicted in Equation ( 4.1), is calculated using the 
formula provided by the British Standards PD 5500:2009 section 3 part 3.5 “Vessels under 
internal pressure” and the European standards UN 13445-3:2009 part 7 “Vessels under 
internal pressure”. The minimum thickness for a pressure loading only for a cylindrical shell 
is calculated with Equation ( 4.1) for a design pressure of 20 MPa.  
 e = p(ID)2𝑓 − p   or  e = p(OD)2𝑓 + p ( 4.1) 
Where e is the minimum calculated thickness of shell plate (mm), p is the design pressure 
(MPa), ID is the inner diameter of the shell (mm) and OD is the outer diameter of the shell, in 
this case 1/2’’(12.7 mm), 𝑓 is the nominal design stress (MPa or N/mm2) or stress allowable 
(ksi) (as denoted in the ASME code). 
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The nominal design strength (𝑓) values for Nickel alloys used for the minimum thickness 
calculations are tabulated in the Nickel supplement of the British Standards PD 5500:2009 
[92]. The design strength values (N/mm2 or MPa) for nickel and nickel alloy seamless tube 
conforming to BS 3074 is derived from 1% proof stress (Rp 1.0) using section 2.3.3.3b of PD 
5500. However the design strength values of alloy 625 (NA 21) in PD 5500 are taken from 
ASME Boiler and Pressure Vessels Code (BPVC) Section VIII Division 1 1983. The design 
strength values for NA 21 have been assumed to be equal to the design stresses in ASME 
strength Section VIII Division for the equivalent ASTM material [91].  
The minimum thickness results using the nominal design stress 𝑓, are presented in Table 4.2. 
The nominal design stresses have been obtained from the ASME Boiler and Pressure Vessel 
Code [91]. 
Table 4.2: Minimum thicknesses with varying design pressure. 
Temperature T 
(oC) 
Nominal design stress 𝒇 
(N/mm2) 
Minimum Thickness 𝐞 (mm) 
 At 20 
MPa 
At 30 
MPa 
At 40 
MPa 
200 156 0.76 1.11 1.44 
250 151 0.79 1.15 1.49 
300 147 0.81 1.18 1.52 
350 143 0.83 1.21 1.56 
400 140 0.85 1.23 1.59 
450 138 0.86 1.25 1.61 
500 136 0.87 1.26 1.63 
550 134 0.88 1.28 1.65 
600 134 0.88 1.28 1.65 
649 133 0.89 1.29 1.66 
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650 133 0.89 1.29 1.66 
677 103 1.12 1.61 2.06 
700 83.3 1.36 1.94 2.46 
 
The minimum thickness for a design pressure of 20 MPa and a temperature of 677 oC is 
1.12 mm, as shown in Table 4.2. However to increase safety, the thickness of 2.06 mm is 
chosen corresponding to a design pressure of 40 MPa and a temperature of 677 oC. Once the 
minimum thickness of 2.06 mm is obtained, it is useful to know where that pressure lies in the 
pressure expansion curve [93]. 
Bursting Pressure 
The bursting pressure can be calculated with the following formulae: 
 P = 2×(TS) K− 1K+ 1  ( 4.2) 
Where TS is the tensile strength (MPa) and K is OD/ID [94]. 
The bursting pressure can also be calculated with the Lame formula, as depicted in Equation   
( 4.3) and Equation ( 4.4), and the Barlow formula in Equation ( 4.5) 
Lame formula can be calculated using OD/e (Equation ( 4.3)) or OD/ID (Equation ( 4.4)) 
 P = 2Ste OD− eOD! − 2ODe+ 2e! ( 4.3) 
or P = St OD! − ID!(OD! + ID!)  ( 4.4) 
Barlow formula is very common but less precise than Equation ( 4.3) and Equation ( 4.4). 
 P = 2SteOD  ( 4.5) 
Where St is the material strength (MPa) and e is the wall thickness (mm). 
The values of the bursting pressure obtained with these four equations range from 208 to 247 
MPa. Therefore, a bursting pressure of 208 MPa is higher than the operating pressure of 20 
MPa, resulting in a safety factor of 10.4.  
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Hydrogen Feeding 
Properties 
Hydrogen solubility in liquids increases with increasing temperature and pressure. The 
hydrogen solubility in residual oil at 482 oC may be five times as great as at 37.7 oC [95]. The 
fact that the solubility of hydrogen increases under these conditions is very useful resulting in 
a good H2/oil mixture flowing inside the reactor through the catalytic bed. Two options for 
feeding hydrogen gas into the reactor are investigated. 
Option 1: Mixer at the reactor entry  
The mixer (i.e. a stirrer) blends the H2 with the liquid feed. However although this mixture is 
at the same pressure as the remainder of the system, the temperature is at 70 oC at the inlet of 
the reactor tube, which is lower than the reaction temperature inside the reactor tube. 
Therefore, this may lead to problems with H2 solubility. 
Option 2: Sparger 
The sparger, depicted in Figure 4.5, consists of a drilled SS-316 tube that helps towards the 
formation of small bubbles as hydrogen passes through the holes. Hydrogen is heated up 
before reaching the drilled part and is injected inside the reactor tube below the catalytic 
fixed-bed, mixing with the liquid feed. 
 
                              
Figure 4.5: Drilled tube schema and picture (Note: diagram not to scale). 
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Description of the H2 Feeding Tube 
The material used for the tube is SS-316 with an outer diameter of 1/8 ” and an inner diameter 
of 1/16 ”. As shown in Figure 4.5, the tube is separated into two sections, a top part with 
drilled holes located inside the reactor tube and a bottom plain part.  
Hydrogen Mass Flow Controller 
The hydrogen gas flowrate is controlled via a mass flow controller. The hydrogen flow is 
chosen based on the literature values of H2/oil ratio for processes similar to the CFBR. In this 
case the H2/C11-1MN ratio is 750 Nm3/m3 and the H2 flowrate range is 75 – 750 mL/min. 
The mass flow controller opted for is a Brooks Thermal Mass Flow Controller, which fulfills 
the flow requirements of hydrogen but also withstands a pressure of 20 MPa at room 
temperature. More specifications about this piece of equipment can be found in Appendix 
A.4. 
4.2.4 Product Recovery Section 
Heat Exchanger 
A water-cooled counter-current heat exchanger (Figure 4.6) is used to quench the reaction and 
to prevent the exposure of the pressure relief valve and the back pressure regulator to high 
temperatures. It consists of two SS-316 concentric tubes, 1 ” and 1/2 ” outer diameter 
respectively, and each end of the heat exchanger tube is closed with two Swagelok fittings. 
Water is circulated through the 1 ” tube cooling down the effluent product stream in the 1/2 ” 
tube. 
 
Figure 4.6: Water-cooled counter-current heat exchanger. 
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Separation Process 
The gas and liquid mixture that leaves the reactor, at high pressure and high temperature, has 
to be separated and collected. Several separation methods have been reviewed and presented. 
Since hydrogen solubility increases with temperature and pressure, both have to be decreased 
to separate the reactor effluent effectively. 
Jones et al. [26] explained that the effluent that leaves the reactor is cooled and partially 
condensed by a heat exchanger. The stream enters a first separator, in which the pressure is 
almost identical to the pressure of the reactor. A gas stream rich in hydrogen is flashed off and 
is recycled back as recycle gas. The liquid stream leaves the separator and is directed towards 
a second separator, which is at lower pressure. This reduction of pressure leads to a second 
gas stream to be flashed off, which contains less hydrogen. The liquid phase is then sent to a 
fractionator. 
In another study, Mehra et al. [96] presented three possible separation processes. In the first 
one, the reactor effluent is cooled to ambient temperature prior to entering the high pressure 
gas-liquid separation. After the separation, the ambient temperature gases are recycled and the 
ambient temperature liquid products are sent to product fractionation. 
A second option is when the separator operates at high pressure and high temperature. The 
separated gases in the stream are then further cooled to ambient temperature and any liquids 
resulting from the condensation are separated in a high pressure, ambient temperature 
separator. The ambient temperature liquids are separated in a high pressure and ambient 
temperature separator. 
A third possibility is a combination of the processes above. This is achieved by performing 
partial cooling and partial separation. 
In a study performed by Que [97], the reactor effluent is sent to a high pressure and high 
temperature separator where it is separated into a gas flow and a liquid flow. The gas stream 
is sent for hydrotreating and liquid stream is sent to a low pressure separation system. 
Reynolds et al. [98] illustrated that the reactor effluent is passed through a high pressure high 
temperature separator. The separated gas stream is then passed through a high pressure low 
temperature separator while the separated liquid stream is passed through low pressure high 
temperature separator.  
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Finally Casper et al. [99] showed that the reactor effluent is passed through a high pressure 
high temperature separator which is at the same temperature and pressure prevailing in the 
reactor. The pressure of both separated gas and liquid streams is reduced through a pressure 
reduction valve.  
Two main separation options for the reactor effluent can be identified from the separation 
methods that have just been presented. In the first option, the separation of the reactor effluent 
can be performed in a low temperature high pressure separator, where the effluent is cooled 
prior to entering the separator [26] [96]. The second option is a high pressure and high 
temperature separation [97] [98] [99].  
In the present design, the first separation option has been chosen as the back pressure 
regulator can only operate with one phase fluid. The reactor effluent, which is at high pressure 
and high temperature, is cooled down in the heat exchanger before entering the separation 
tank. The H2 is released by the back pressure regulator, reducing the pressure and separating 
the gas from the liquid. The separation method used in this process is portrayed in Figure 4.7. 
This is due to fact that the back pressure regulator would be located at the exit of the heat 
exchanger where the effluent is a mixture of gas and liquid.  
HE
Gas Exit
Reactor
Liquid Exit
Back-
Pressure 
Regulator
High P & 
Low T 
Separator
 
Figure 4.7: High pressure – low temperature separation. 
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Product Tank/Gas-Liquid Separator and Sampling System 
Design of the Tank 
The tank is a SS-316 vessel with a volume of 2 litres. The normal operating pressure is 15 
MPa with a maximum operating pressure of 25 MPa. The hydraulic test pressure and design 
pressure are 37.5 MPa. The maximum temperature the tank can withstand is 50 oC. The 
design code employed is from [92]. The design of the tank is depicted in Figure 4.8. 
 
Figure 4.8: Product tank picture and schematic diagram, (1) product inlet, (2) 
thermocouple, (3) gas outlet to BPR, (4) liquid product outlet (Note: diagram not to 
scale). 
The tank is also used at the same time for gas-liquid separation and for product collection at 
the end of experiments. The gas-liquid product mixture flows into the product/gas-liquid 
separator tank through the top lid, which also contains a connection for a thermocouple. After 
the separation, gases exit the tank from the top and liquid products are collected from the base 
of the tank at the end of the experiment.  
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Liquid product 
collection 
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Design of Sampling System 
A sample collection point (Figure 4.9) is built next to the product tank. Samples are collected 
at intervals of 30 or 60 minutes during an experimental run by diverting the flow from the 
tank to the sampling point. The gas-liquid separation operates in an identical manner as the 
product tank but on a smaller scale. 
 
Figure 4.9: Schematic diagram of the sampling system, (1) products inlet, (2) separation 
vessel TK2, (3) liquid sample collection, (4) gas vent (Note: diagram not to scale). 
4.3 Construction of the Reactor 
4.3.1 Process Diagram Lines and Fittings 
The tubing lines that connect the reactor system are all made of SS-316. The feed line is a 
long tube of 1/4 ’’ OD. The hydrogen line has the same outer diameter of 1/4 ’’. The product 
line OD is 1/2 ’’ to limit fouling risks and ensure a smooth flow of the mixture through the 
heat exchanger. The gas line that exits the top of the product tank and the liquid product line 
that exits the bottom of the product tank are both of 1/4’’ OD. All process fittings are made of 
SS-316, and the fittings next to the reactor tube are made of 625 Inconel alloy as they 
experience the same reaction conditions as the reactor tube. 
V-13 V-14
V-15
V-16
V-17
SAMPLE
COLLECTION
TK2
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4.3.2 Hazard and Operability Study 
A basic risk assessment has been conducted, identifying risks and assessing hazards; however, 
as the reactor involves operation with flammable liquids and an explosive gas at high 
temperature and pressure, the risk hazards can be quite high. Therefore, it requires a more 
detailed risk assessment process. For the above reasons a Hazard and Operability (HAZOP) 
study is conducted. The HAZOP study identifies the operation of every part of the process 
and the hazards that can occur, based on the process description using the P&ID (piping & 
instrumentation diagram) depicted in Figure 4.2. 
The sequence of this study is carried out as follows: 
1) Specification of every part of the process and how it is designed to operate. 
All the parts of the process and their operation have been described in previous sections. 
These are the liquid and gas feeding in section 4.2.2, the reactor section in 4.2.3, and the 
product recovery section in 4.2.4. 
2) Identification of every possible deviation using keywords such as: more, less. 
The deviations that have been identified for this process are more pressure, more temperature, 
more hydrogen flow, no/low pressure, no/more feed flow, reactor rupture, no hydrogen flow, 
no electricity, computer crash, no temperature and/or pressure signal. 
3) Identification of what may cause deviation. 
The different factors that can cause a deviation have been identified for each deviation. Some 
causes can come from a broken back pressure regulator, damaged equipment and/or 
temperature and pressure controllers, faulty ball/needle valves, blocked lines, gas leaks, 
computer crash. 
4) Identification of whether the deviation poses a hazard. 
Having identified possible causes for deviations, the possible consequences must be assessed 
if the deviation occurs. Examples of consequences can be overpressure, overheating, gas 
release, fire, explosion, no temperature and pressure measurements and control. 
5) Identification of whether the hazard must be controlled. 
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In the case hazards must be controlled, safeguards are put in place to help reduce the 
likelihood or frequency of the deviation, or to mitigate its consequences. Safeguards can be 
both manual and automatic. Examples are to use alarms that sense deviations. 
6) Control all hazards identified. 
Actions are implemented to control and remove hazards. Actions are both manual and 
automatic. Some examples are stop feed flow, stop heating, depressurise process. 
7) Check all decisions are implemented. 
Prior to using the reactor, all decisions and changes resulting from the HAZOP study must be 
implemented. 
The following Table 4.3 to Table 4.12, describe the possible deviations that can occur during 
operation and the causes and consequences of the deviations. Finally the tables include the 
manual and computer safeguards to prevent the cause, and manual and computer actions to 
remove the cause. The safeguards and actions are used for the development of the control and 
safety system, which is operated by a computer. Additionally, several types of valves are used 
for different roles to control the flow and safety. They include needle, ball, check, pressure 
relief valves and a back pressure regulator. More information can be found in Appendix A.4. 
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More Pressure Deviation 
The first deviation encountered is “More Pressure”, described in Table 4.3, which can result 
from a sudden increase of pressure in the system. This deviation can be caused by a damaged 
back pressure regulator (BPR-V19) and/or pressure relief valve (PRV-V11) and/or mass flow 
controller (MFC) and/or syringe pump (SP), but also by a blocked line in the process. This 
deviation leads to a quick increase of the pressure inside the system and ultimately can result 
in the reactor bursting.  
The manual safeguards are to stop the H2 flow by closing the gas regulator V8 and any back 
flow will be stopped by the check valve V4. In the automatic safeguards, an alarm is triggered 
if the pressure reaches Pmax = 22 MPa. Actions taken are both manual and automatic. 
Manual actions consist of depressurising the system by opening BPR-V19, ball valve V18 and 
PRV-V11. The automatic actions are to stop the heating of the reactor (RX), stop liquid and 
gas flow from SP and MFC, respectively. 
 
 
 
Table 4.3: More pressure. 
Deviation Cause Consequence Safeguards Actions 
Manual Automatic Manual Automatic 
More 
Pressure 
- Damaged 
BPR-V19  
- Damaged 
PRV-V11  
- Damaged 
MFC 
- Damaged 
SP 
- Blocked 
line 
-Overpressure 
-RX burst 
- Close V8 
- V4 prevents 
back flow 
(mechanical) 
- Alarm if 
P1, P2, P3 
go higher 
than Pmax 
- Stop MFC 
- Open BPR-
V19 
- Open V18 
- Open PRV-
V11 
(mechanical) 
 
- Stop 
heating RX 
- Stop SP 
- Stop MFC 
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More Temperature Deviation 
The next deviation encountered is “More Temperature”, shown in Table 4.4. The causes can 
be due to a damaged power supply and/or temperature controller or a runaway reaction. The 
possible consequences of this deviation are overheating of the system, reactor tube burst, fire.  
Manual safeguards consist of stopping the hydrogen flow from V8, depressurise system by 
opening BPR-V19, V18, PRV-V11 and drain reactor tube from drain valve V7. In the 
automatic safeguards, the alarm is triggered of the reactor temperature (T4) goes above 
T4max = 600 oC. In the automatic actions, the reactor heating is stopped along with the liquid 
and gas flow from syringe pump (SP) and mass flow controller (MFC) respectively. 
 
 
 
 
 
 
Table 4.4: More temperature. 
Deviation Cause Consequence Safeguards Actions 
Manual Automatic Manual Automatic 
More 
Temperature 
- Damaged 
power 
supply  
- T 
controller 
damaged 
- RX 
runaway 
reaction 
- Overheating 
- RX burst 
- RX fire 
- Close V8  
- Open BPR-
V19 
- Open V18 
- Open PRV-
V11 
(mechanical)  
- Open V7 
Alarm if 
T3, T4 and 
T5 goes 
higher than 
T3max, 
T4max, 
T5max  
 
 - Stop RX 
heating 
- Stop SP 
- Stop MFC  
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More Hydrogen Flow Deviation 
“More Hydrogen Flow” is another possible deviation, depicted in Table 4.5, caused by a 
faulty MFC. No control over the flow could lead in an increase in pressure of the system.  
Manual safeguards consist of stopping the hydrogen flow from V8 and any back flow will be 
stopped by V4. In the automatic safeguards, an alarm is triggered if the pressure reaches Pmax 
= 22 MPa and an in-built alarm in the MFC flashes. Manual actions consist of depressurising 
the system by opening BPR-V19, ball valve V18 and PRV-V11. The automatic actions are to 
stop the heating of RX, stop liquid and gas flow from SP and MFC, respectively. 
 
 
 
 
 
 
 
Table 4.5: More hydrogen flow. 
Deviation Cause Consequence Safeguards Actions 
Manual Automatic Manual Automatic 
More 
Flow/ 
Hydrogen 
- Damaged 
MFC 
- Pressure 
increase 
- Close V8 
- V4 prevents 
back flow 
(mechanical) 
- Alarm if 
P1, P2, P3 
go higher 
than Pmax 
- MFC in-
built alarm 
flash 
 
- Open BPR-
V19 
- Open V18 
- Open PRV-
V11 
(mechanical) 
- Stop 
heating RX 
- Stop SP 
- Stop MFC 
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No/Low Pressure Deviation 
“No/Low Pressure” deviation, shown in Table 4.6, can be caused by leaks in the system, or is 
the result from the reactor rupture. The consequence is that the H2 gas is released.  
The manual safeguards are to stop the H2 flow by closing the gas regulator V8 and any back 
flow will be stopped by the check valve V4, drain reactor from V7 and open BPR-V19 and 
V18 to depressurise the system completely. In the automatic safeguards, a gas detector will 
trigger an alarm if H2 LFL in air is equal or above 4%. The manual actions are to discharge N2 
inside the reactor cabinet in order to mix with the high concentration of H2. The automatic 
actions are to stop the heating of RX, stop liquid and gas flow from SP and MFC, 
respectively. 
 
 
 
 
 
 
Table 4.6: No/low pressure. 
Deviation Cause Consequence Safeguards Actions 
Manual Automatic Manual Automatic 
No/low 
Pressure 
- Leaking 
lines  
- RX 
rupture 
- Gas release - Close V8 
- V4 prevents 
back flow 
(mechanical) 
- Open V7 
- Open BPR-
V19 
- Open V18 
- Gas detector 
alarm 
 
- N2 
Discharge  
- Stop 
heating RX 
- Stop SP 
- Stop 
MFC 
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No/More Feed Flow Deviation 
In the case of “No/More Feed Flow” deviation, described in Table 4.7, a possible cause could 
be a damaged SP or a blocked line. Since the reactor is heated up, low flow could cause the 
reactor to overheat if there is no feed flowing.  
The manual safeguards are to stop the H2 flow by closing the gas regulator V8 and any back 
flow will be stopped by the check valve V4, drain reactor from V7. The leak of liquid is 
contained in a drip tray and some more manual actions that can be carried out are to 
depressurise the system by opening BPR-V19, ball valve V18 and PRV-V11. The automatic 
actions are to stop the heating of RX, stop liquid and gas flow from SP and MFC, 
respectively. 
 
 
 
 
 
Table 4.7: No/more feed flow. 
Deviation Cause Consequence Safeguards Actions 
Manual Automatic Manual Automatic 
No/More 
Feed Flow  
- Damaged 
SP 
- Blocked 
line 
 
- RX 
overheating 
- Close V8 
- V4 prevents 
back flow 
(mechanical) 
- Open V7 
 
 -Leak 
contained in 
drip tray 
- Open BPR-
V19 
- Open V18 
- Open PRV-
V11 
(mechanical) 
- Stop 
heating RX 
- Stop SP 
- Stop MFC 
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Reactor Rupture Deviation 
Reactor rupture (Table 4.8) can be caused by an overpressure of the system, overuse of the 
reactor tube and tube blockage, a runaway reaction and finally a damaged BPR-V19 or PRV-
11. The consequences can be gas release in the cabinet, fire and/or explosion.  
The manual safeguards are to stop the H2 flow by closing the gas regulator V8 and any back 
flow will be stopped by the check valve V4, drain reactor from V7 and depressurise system 
by opening BPR-V19, V18. In the automatic safeguards a gas detector will trigger an alarm if 
H2 LFL in air is equal or above 4%. The manual actions are to discharge N2 inside the reactor 
cabinet in order to mix with the high concentration of H2. In the automatic actions, the heating 
of RX, liquid and gas flow from SP and MFC, respectively, are all stopped. 
 
 
 
 
Table 4.8: Reactor rupture. 
Deviation Cause Consequence Safeguards Actions 
Manual Automatic Manual Automatic 
Reactor 
Rupture 
- Overpressure 
- Reactor tube 
overuse 
- Runaway 
reaction 
- Reator tube 
blockage 
- Damaged 
BPR-V19  
- Damaged 
PRV-V11 
- Gas release 
- Fire 
- Explosion 
- Close V8 
- V4 prevents 
back flow 
(mechanical) 
- Open V7 
- Open V18 
- Open BPR-
V19 
- Gas 
detector 
alarm 
 
- N2 
Discharge  
- Stop 
heating RX 
- Stop SP 
- Stop MFC 
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No Hydrogen Flow Deviation 
“No Hydrogen Flow” is another possible deviation, depicted in Table 4.9, caused by a faulty 
MFC and gas could potentially be released out of the system.  
Manual safeguards consist of stopping the hydrogen flow from V8 and any back flow will be 
stopped by V4. In the automatic safeguards, a gas detector will trigger an alarm if H2 LFL in 
air is equal or above 4%. The automatic actions are to stop the heating of RX, stop liquid and 
gas flow from SP and MFC, respectively. 
 
 
 
 
 
 
 
 
 
 
 
 
Table 4.9: No hydrogen flow. 
Deviation Cause Consequence Safeguards Actions 
Manual Automatic Manual Automatic 
No 
Hydrogen 
Flow  
- Damaged 
MFC 
- Gas release - Close V8 
- V4 prevents 
back flow 
(mechanical) 
- Gas 
detector 
alarm 
 
 
 - Stop heating 
RX 
- Stop SP 
- Stop MFC 
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No Electricity Deviation 
“No Electricity” (Table 4.10) can be caused by a power cut. In that case no experiment can be 
carried out because there is no control over pressure, temperature, heating, gas and liquid 
flow.  
The only manual safeguard is to depressurise the system by opening BPR-V19, V18, PRV-
V11 and drain reactor tube from drain valve (V7). 
 
 
 
 
 
 
 
 
 
 
Table 4.10: No electricity. 
Deviation Cause Consequence Safeguards Actions 
Manual Automatic Manual Automatic 
No 
electricity 
 
- Power 
cut 
 
- No T & P 
control 
- No heating 
- No gas flow 
- No feed 
flow 
- Open BPR-
V19 
- Open V18 
- Open 
PRV-V11 
(mechanical)  
- Open V7 
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Computer Crash Deviation 
If a computer crash (Table 4.11) occurs, the consequence is no control over the reaction 
temperature, pressure or flow.  
In that case the manual safeguards are to depressurise the system by opening BPR-V19, V18, 
PRV-V11 and drain reactor tube from drain valve V7. As an action, a watchdog is put in 
place, which monitors if the computer is alive. If not all activities are automatically stopped. 
 
 
 
 
 
 
 
 
 
Table 4.11: Computer crash. 
Deviation Cause Consequence Safeguards Actions 
Manual Automatic Manual Automatic 
Computer 
crash 
- Computer 
crash/electric 
power cut 
- No reaction 
control 
 
- Open BPR-
V19 
- Open V18 
- Open PRV-
V11 
(mechanical)  
- Open V7 
  - Watchdog 
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No Temperature or/and Pressure Signal Deviation 
Damaged pressure transducers, temperature sensors and/or temperature controllers can cause 
“No temperature and/or pressure signal” deviation (Table 4.12). The consequences are that 
the pressure and temperature of the system cannot be monitored.  
The manual safeguards are to depressurise the system by opening BPR-V19, V18, PRV-V11 
and drain reactor tube from drain valve V7. In the automatic safeguards an alarm is triggered 
if there are no pressure and/or temperature readings. The automatic actions are to stop the 
heating of RX, stop liquid and gas flow from SP and MFC, respectively. 
 
 
 
 
 
 
 
 
 
 
Table 4.12: No temperature or/and pressure signal. 
Deviation Cause Consequence Safeguards Actions 
Manual Automatic Manual Automatic 
No T/P 
signal 
- Damaged P 
transducer 
- Damaged T 
sensor 
- Damaged T 
controller  
 - Open BPR-
V19 
- Open V18 
- Open 
PRV-V11 
(mechanical)  
- Open V7 
- Alarm if 
no P 
reading 
- Alarm if 
no T 
reading 
 
 -Stop 
heating 
RX 
- Stop SP 
- Stop 
MFC 
 
 
Design, Construction and Commissioning of the Continuous Fixed-Bed Hydrocracking Reactor 
 108 
4.3.3 Electronics and Control of the Process 
A control unit, placed next to the reactor cabinet in a separate panel, displays all of the critical 
temperatures, pressures, flow and alarms put in place. These are based on the safeguards and 
actions presented in the Hazard and Operability study (Table 4.3 – Table 4.12). In case of an 
emergency or computer crash, it will be possible to understand what is happening inside the 
reactor system. 
The aim of this section is to explain the way the system is controlled and to describe how the 
HAZOP decisions have been implemented. All safety aspects have been included in this 
control system. 
Pressure Transmitters 
Three pressure transmitters are located in the system: on the liquid feed line, on the gas feed 
line and at the exit of the reactor on the product line, as depicted on Figure 4.2. They are also 
responsible for triggering the alarm in case of system overpressure. The pressure transmitters 
(model PXM4200 series) are purchased from Omega Engineering Limited, and are suited for 
the conditions used in this process. The specifications of the pressure transmitters can be 
found in Appendix A.4. 
Thermocouples 
Seven thermocouples are put in place in the system, as shown on Figure 4.2. The most critical 
ones are thermocouple T4 located inside the reactor tube at the level of the catalyst fixed-bed, 
thermocouple T3 placed at the exit of the reactor and thermocouple T5 on the reactor effluent 
line before the heat exchanger. Their role is to monitor the reaction temperature and trigger 
the alarm in case of over temperature, which will shut down the heating supplied by the 
power supply. All the thermocouples are Type K from TC Direct. 
Control System 
The process conditions are set and monitored via a control system consisting of a control unit 
linked to a computer. The control unit, the computer and the power supply are mounted on a 
rack located next to the reactor as shown in Figure 4.10.  
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Figure 4.10: Picture of the control box, computer and power supply. 
The schematic diagram of the control system is illustrated in Figure 4.11. The displays on the 
control unit represent the critical temperatures sensed by thermocouples T3, T4, T5 located in 
the reaction zone, the pressures from sensors P1, P2, P3 and the flow of the gas mass flow 
controller F1. 
The gas flow is controlled via a mass flow controller F1 (Figure 4.11) linked to the control 
unit, which communicates with the computer. The liquid flow is directly varied from the 
syringe pump itself. However, it is also linked to and displayed on the computer. 
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Figure 4.11: Schematic diagram of the temperature, flow and pressure control. 
The reactor temperature is measured by thermocouple T4 located in the middle section of the 
reactor tube. Its signal is fed back into the control unit for a closed loop regulation of the 
reaction temperature via the power supply as shown in Figure 4.12.  
 
Figure 4.12: Feedback loop for the reactor temperature control. 
Computer User Interface 
LabVIEW is the primary interface with the control unit. It is used for the setting and real-time 
monitoring of all reaction conditions, as well as performing data acquisition, along with 
watchdog, safeguards and pre-programmed actions in case of hazard. In this instance, it is 
utilised to display the reactor system (Figure 4.13), monitor experimental runs and, graphical 
user interface (GUI). 
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Figure 4.13: LabVIEW screenshot. 
4.4 Commissioning 
The commissioning of the reactor involves several steps, which include pressure, temperature 
and flow control testing. Following the successful pressure testing, preliminary experiments 
are carried out, starting with nitrogen and water as gas and liquid feeds respectively, then 
hydrogen and 1-methylnaphthalene with no catalyst. 
4.4.1 Pressure Testing 
Hydraulic and Nitrogen Pressure Tests 
Hydraulic testing has been performed on the reactor system by pressurising it with water up to 
37.5 MPa then inspecting all connections and fittings for leaks. Afterwards, the reactor system 
is pressurised with nitrogen at 20 MPa and inspected for leakages. 
4.4.2 Temperature Measurement and Control System 
As mentioned previously, the temperature control of the process is carried out using 
LabVIEW. It is of prime importance that the inside of the reactor tube is maintained at 
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constant temperature. This is achieved with the built-in proportional integral derivative (PID) 
controller. 
Tests have been carried out to tune the PID controller and obtain the PID parameters resulting 
in a stable temperature control. Figure 4.14 depicts the temperature with an untuned PID 
controller. Although the temperature is set to 400 oC, it can be observed that there is a 
fluctuation of ± 9 oC.  
 
Figure 4.14: Temperature with no PID parameters. 
In contrast, Figure 4.15 shows the temperature resulting from the use of a tuned controller, 
where the temperature is set to 430 oC. The measured temperature is seen to be, on average, 
acceptably close to the desired set point, with fluctuations below ± 2 oC in magnitude. 
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Figure 4.15: Temperature with correct PID parameters. 
PID parameters for three different temperatures have been obtained for the temperatures 
tested. Figure 4.16 shows the typical temperature and pressure evolution during an 
experimental run. 
 
Figure 4.16: Typical temperature and pressure profiles in the continuous fixed-bed 
hydrocracking reactor during experiments. 
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4.4.3 Modifications of the Initial Design after Preliminary Trials 
The reactor section was initially sealed with two pairs of flanges at both ends with the aim of 
easing the removal of the tube for the catalyst collection at the end of the run. The bottom 
flange as shown in Figure 4.17 had leaks repeatedly thus it was changed for a straight union. 
 
Figure 4.17: Bottom reactor flange. 
Another minor modification has been made in the way the CFBR is purged and pressurised. 
In the initial set up only N2 and H2 valves were present and both were connected to the MFC 
valve (B) (red line in Figure 4.18).  
  
Figure 4.18: MFC bypass, (A) manual valve, (B) MFC valve, (1) N2 valve connected to 
manual valve, (2) N2 valve connected to MFC valve, (3) H2 valve connected to manual 
valve, (4) H2 connected to MFC valve (Note: diagram not to scale). 
N2 H2
A
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valve
B
MFC 
valve
1 2 3 4
F
MFC
!
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Due to MFC flow restrictions, the time taken to purge and pressurise the system was in the 
magnitude of hours instead of minutes. To remove this inconvenience, a parallel line has been 
added (green line in Figure 4.18). Two additional lines are installed where N2 and H2 valves 
are connected to manual valve (A). The new starting procedure is as follows: at the beginning 
of the experiment set-up, the CFBR is purged with N2 then pressurised with H2 through the 
manual valve A, once the experiment is ready to be started the manual valve is closed and the 
H2 is redirected to the MFC valve B. 
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CHAPTER 5 Reaction Pathways of 1-
Methylnaphthalene and Product Distribution 
This chapter investigates the reaction pathways of 1-methylnaphthalene during hydrocracking 
reactions with a commercial NiMo/Al2O3 catalyst by varying residence time from 1 to 20 
minutes. All products obtained and their isomers are identified. An overall hydrocracking 
reaction pathway for 1-methylnaphthalene is suggested and the rationale behind it is 
explained in detail. 
5.1 Introduction 
The typical characteristic of hydrocracking processes is their flexibility with feedstocks and 
product yields: they can convert a wide range of feedstocks into a wide range of products. The 
variation in product yields can be controlled and varied through changes in operating 
conditions, feedstock, process configuration and catalyst design. Residence time is one 
variable in the operating conditions of hydrocracking reactions that can have a major impact 
on the yield and quality of the final products.  
In the context of heavy oil hydrocracking, research has been carried out employing 
feedstocks, such as heavy oil and vacuum residue, with NiMo/Al2O3 catalysts, where the aim 
is to convert efficiently heavy oil/vacuum residue and to produce high volumes of lights cuts 
(i.e. gasoline and diesel). Mosio-Mosiewski and Morawski [1] studied the single-stage 
hydrocracking of vacuum residue in the suspension of NiMo catalyst at temperatures of 410 – 
450 oC and pressures of 12 – 20 MPa. They observed that the catalyst was efficient for the 
hydrogenation processes but the cracking activity was moderate. In addition, they saw a great 
effect of reaction temperature and LHSV on vacuum residue hydrocracking. An increase in 
temperature or contact time improved the conversion of vacuum residue to lighter products. 
As Laxminarasimhan et al. [100] mentioned, with an increase in the residence time, more of 
the heavier components were converted into lighter components. Similarly, Lababidi and 
AlHumaidan [101] noted that decreasing LHSV increased the conversion of residual fractions 
to light fractions due to the longer residence time of the feedstock in the reactor. They also 
noticed that the effect of LHSV was lower at low temperature (370 oC), but its effect was
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more visible at higher temperatures (390 and 410 oC). Due to the complexity of the feed, 
however, it is difficult to obtain a detailed reaction pathway of hydrocracking of heavy oil. 
In the case of Light Cycle Oil (LCO) hydrocracking, as described in Chapter 2, focus has 
been given to the hydrocracking reaction schemes by various researchers using zeolite 
catalysts. Their aim is to increase the cetane number of LCO in order to increase its utility by 
blending it with diesel [2]. LCO contains polyaromatic compounds such as 
methylnaphthalene, sulphur species. Thus naphthalene, tetralin, decalin, phenanthrene and 
anthracene have been used to study the selectivity of ring-opening of polycyclic aromatic 
hydrocarbons (PAH). The reactions pathways tend to vary depending on the model 
compounds and on the zeolite catalysts used. Kubicka et al. [66] studied the ring-opening of 
decalin over zeolites at 498 – 573 K in the presence of hydrogen. They observed that decalin 
produced ring-opening products after undergoing skeletal isomerisation. Arribas et al. [56] 
investigated the parallel hydrogenation and ring-opening of 1-methylnaphthalene and 
tetrahydronaphthalene over Pt-modified Beta and Y zeolite catalysts at 300 – 375 oC and 
4 MPa. Their aim was to selectively open one C-C bond of the naphthenic ring and avoid 
further C-C bond cracking that would produce undesired lighter products. A reaction scheme 
was proposed for the formation of products containing 11 carbon atoms as main products. 
They concluded that the initiation step of naphthalenes is the successive hydrogenation of 
naphthalenes to tetralins and decalins on the metal sites, which is followed by the formation 
of carbocations on the Brønsted sites of the zeolite that lead to ring-opening and cracking 
products. Park et al. [39], who studied the mild hydrocracking of 1-methylnaphthalene over 
alumina modified zeolites between 360 – 400 oC and 5 MPa in an autoclave reactor, observed 
that after 1-methylnaphthalene hydrogenation the C-C bonds next to the phenyl group in 
methyltetralin were the most reactive and were fissioned through a dealkylation scheme. The 
alkenyl benzene produced was successively β-fissioned into ethyl benzene or toluene. 
Gutiérrez et al. [102] studied the effect of space velocity on the hydrocracking of LCO over 
Pt-Pd/HY zeolite. Their observation was that for a space velocity of 1 1/h, products obtained 
were mostly dry gases and liquefied petroleum gas (LPG). As space time increased, the yields 
of naphtha, medium distillates and heavy cycle oil (HCO) increased as well. Similar results 
were observed by Pacheco et al. [103]. Sato et al. [65] investigated hydrocracking of tetralin 
over NiW/USY zeolite catalysts in a batch reactor. Reactions were carried out with USY or 
NiW/USY. The yields of heavy compounds were higher than the yields of light compounds 
for both USY and NiW/USY. Initially, the conversion and product distribution was similar for 
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both USY and NiW/USY, forming phenylbutyl tetralin. Phenylbutyl tetralin was then 
decomposed into benzene and octahydro tricyclic aromatic compounds. The superior effect of 
NiW/USY was only observed at longer reaction periods. NiW improved the production of 
hydrocracked and hydrogenated products and reduced dehydrogenated products. 
In the present work, 1-methylnaphthalene (C11-1MN) is employed for these experiments 
because it is a polyaromatic structure present in heavy oil. Using this model compound allows 
to gain a better understanding of the reaction pathways that occur during hydrocracking in a 
continuous reactor, without having the interference of the mixture of complex compounds that 
composes heavy oils. Thus, a potential reaction pathway can be formulated at the conditions 
of heavy oil hydrocracking, using C11-1MN and NiMo/Al2O3 catalysts instead of zeolites, 
commonly used for LCO hydrocracking studies. 
The present work investigates the reaction pathways undergone during hydrocracking of C11-
1MN by varying the residence time. In a first step, all products obtained from the 
hydrocracking reaction are identified and grouped. Potential reaction pathways are obtained 
following the concentration-time curves and the product yields at these conditions. 
5.2 Experimental 
5.2.1 Experimental Set-Up 
The feed used is 1-methylnaphthalene (C11-1MN) (95 % purity) from Sigma-Aldrich and the 
catalyst is a commercial hydrocracking NiMo/Al2O3 catalyst. The catalyst is inserted into the 
reactor tube prior to its in situ activation; the full procedure is described in Chapter 3. 
Hydrocracking experiments are carried out in the CFBR, fully described in Chapter 4, at three 
residence times (τ) 1, 10 and 20 minutes in the catalyst fixed-bed, keeping all other variables 
constant, such as hydrogen pressure at 10 MPa, H2/C11-1MN ratio = 750 (Nm3/m3). Finally 
temperature is also maintained at 450 oC. 
5.2.2 Analysis 
A Gas Chromatograph with a FID detector (GC-FID) is employed to identify the peak areas 
of the reactant and its products. The peak areas are converted into concentrations. The latter 
enables to calculate the total conversion of C11-1MN and the yields of the products. 
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A Gas Chromatograph with a Mass Spectrometer (GC-MS) is used to identify the products. 
Since many peaks can be distinguished on the chromatogram, products are divided into 
groups, which will be described in section 5.3.1. The mass spectra (electron ionisation) of 
molecules in the products are analysed with the MS’s library search in conjunction with NIST 
Chemistry WebBook [87]. More details on these two analytical techniques can be found in 
Chapter 3. 
5.3 Results and Discussion 
The next sections aim to closely investigate all products formed during hydrocracking 
reactions. The reactant and product concentrations are then compared as a function of 
residence time. This allows a better insight to be gained into the potential pathways that occur 
during the reaction. Finally, an overall reaction pathway is proposed based on the product 
analysis. 
5.3.1 Product Distribution 
Product identification has been carried out using the GC-MS. A chromatogram is obtained for 
each residence time, depicting numerous peaks. Each peak analysed is paired with a specific 
compound, based on the number of carbon atoms and chemical structure. A large proportion 
of peaks present in the chromatogram consist of isomers of a particular compound; isomers 
have the same molecular weight and formula however they present variations in the chemical 
structure. All the products identified including their possible isomers are categorised in the 
following Table 5.1. A chromatogram, showing all the peaks that have been identified and 
paired with specific compounds and their isomers, can be found in Appendix A.4. 
 
 
 
 
 
 
 
Reaction Pathways of 1-Methylnaphthalene and Product Distribution 
 120 
Table 5.1: C11-1MN reactant and products including their isomers, resulting from the 
hydrocracking of C11-1MN at τ  = 1, 10, 20 minutes, 450 oC, 10 MPa. 
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For the sake of clarity, products are divided into groups depending on their carbon atom 
number and chemical structure. Four main groups are prevailing; these are partially 
hydrogenated bicyclic products, hydrogenated bicyclic products, ring-opening products and 
cracked products. Each category is described below. 
Partially Hydrogenated Bicyclic Products  
This group, abbreviated to C11-MT, has been named partially hydrogenated bicyclic products 
(also called partially hydrogenated products) because only one of the benzene rings of the 
molecule is hydrogenated. It contains two compounds with 11 carbon atoms (C11), which are 
1-methyl tetralin (C11-1MT) and 5-methyl tetralin (C11-5MT). In the discussion C11-1MT 
and C11-5MT are often grouped together and designated as C11-MT. 
Hydrogenated Bicyclic Products 
The group’s name (also called hydrogenated products) is due to the fact that both rings of the 
bicyclic compound are hydrogenated. The group contains a compound with 11 carbon atoms 
(C11), which is 1-methyl decalin (C11-MD). 
Ring-Opening Products 
This group is named ring-opening because the molecules have the same number of carbon 
atoms as the reactant (C11), however one of the two fused rings has been opened. Thus the 
compounds formed contain a benzene ring with an alkyl or alkenyl group, abbreviated to C11-
AB and C11-AlkB, respectively. 
Cracked Products 
This group contains molecules with a lower carbon number (C10 – C8) than the reactant 
(C11) thus they have been named cracked products. This group has been further divided in 
sub-groups as the carbon number of the cracked compounds decreases. 
The first sub-group is cracked products of 10 carbon atoms (C10). It contains three types of 
compounds: Decalin (C10-D) which is composed of two hydrogenated fused rings, C10 alkyl 
benzene (C10-AB) and C10 alkenyl benzene (C10-AlkB), which have a benzene ring with an 
alkyl and alkenyl group attached, respectively. One methyl group has been removed from all 
three compounds.  
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The second sub-group is cracked products of 9 carbon atoms (C9). It is composed of three 
molecules: Alkyl cyclohexane (C9-AC) which has a single hydrogenated ring and an alkyl 
group, C9 alkyl benzene (C9-AB) and C9 alkenyl benzene (C9-AlkB), both have an alkyl and 
alkenyl group attached to a benzene ring, respectively. 
The third sub-group is cracked products of 8 carbon atoms (C8). The molecules in this group 
are: C8 alkyl benzene (C8-AB) and consists of an alkyl group attached to a benzene ring and 
C8 alkane (C8-A) which has been completely cracked to an alkane. 
Reactant and Product Concentrations 
The concentrations of both of the reactant and products have been plotted and can be observed 
in Figure 5.1. 
 
Figure 5.1: Concentration-time curves, with error bars, of C11-MN and products at τ  = 
1, 10 and 20 minutes, 450 oC, 10 MPa (Note: each cracked group represents the 
combined concentrations of alkyl and alkenyl benzenes).  
The concentration of the reactant C11-1MN decreases with increasing reaction time. The 
concentration of the majority of products increases with increasing residence time. This 
increase is sharper between 10 and 20 minutes than between 1 and 10 minutes.  
However, it can be noticed that two of these products exhibit a low concentration at 1 minute 
then demonstrate a peak at 10 minutes and finally drop at 20 minutes, which is the typical 
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behavior of intermediate products. These products are partially hydrogenated C11 (C11-MT) 
and hydrogenated (C11-MD).  
The trends observed in Figure 5.1 are expected from consecutive and parallel reactions. The 
data demonstrate that C11-1MN could decompose into partially hydrogenated products (C11-
MT) and hydrogenated products (C11-MD), in two parallel reactions. With increasing 
residence time, both of these products present the characteristics of intermediate products. In a 
consecutive first-order reaction, the reactant decreases exponentially, as illustrated by C11-
1MN in Figure 5.1, the intermediate products rise to a maximum and then fall, and in this case 
these are partially hydrogenated and hydrogenated products. The final products of the reaction 
rise continuously, and the greatest rate of increase of these products occurs when the 
intermediate products are at a maximum [104]. This behaviour is observed for all the 
products, particularly in the case of ring-opening, cracked C10 and cracked C9 and C8 
products. The formation of final products (Pr1, Pr2, Pr3, Pr4, in Figure 5.2) is considered to 
occur in parallel reactions from the intermediate products (I1 and I2), as depicted in the 
schematic diagram in Figure 5.2. 
 
Figure 5.2: Parallel and consecutive reactions, R = reactant, Ix = intermediate products, 
Prx = final products. 
5.3.2 Reaction Pathways 
The product concentrations presented above in Figure 5.1 at the three residence times are 
evaluated in an attempt to obtain potential reaction pathways that takes place during the 
hydrocracking of C11-1MN. This section takes a closer look at the identification of the final 
products formed from each of the two intermediate products, C11-MT (Reaction Pathways: 
Part I) and C11-MD (Reaction Pathways: Part II). 
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Reaction Pathways: Part I 
The first intermediate products, resulting from the decomposition of C11-1MN, are partially 
hydrogenated products (C11-MT). With the help of both products identified in Table 5.1 and 
the concentration-time curves in Figure 5.1, it is possible to identify which products are most 
likely formed from C11-MT. The final products that are formed from C11-MT are listed 
below: 
C11 Ring-Opening Products: they result from the opening of one of the two fused rings of 
C11-MT, thus keeping one benzene ring. 
C10 Cracked Products: they are formed by the hydrogenation and cracking of one of the two 
fused rings of C11-MT, keeping one benzene ring and losing one methyl group. 
C9 Cracked Products: they are formed by the hydrogenation and cracking of one of the two 
fused rings, remaining with one benzene ring and losing two carbon atoms in this case. 
C8 Cracked Products: they are obtained from the hydrogenation and cracking of one of the 
two fused rings, keeping one benzene ring and losing three carbon atoms. The product yields 
of the intermediate and final products are depicted in Figure 5.3. 
 
Figure 5.3: Product yield, with error bars, of intermediate C11-MT product and final 
ring-opening, C10, C9 and C8 cracked products at τ  = 1, 10, 20 minutes, 450 oC, 
10 MPa. 
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The ring-opening products demonstrate that the sharpest increase occurs when the partially 
hydrogenated products are at a maximum. This behaviour can be seen with all the final 
products in Figure 5.3, however at a smaller extent. Cracked C9 products are the next 
products with a high yield after ring-opening products. Finally C10 and C8 cracked products 
show an increase after the 10 minutes residence time point. 
These data have thus been used to identify possible pathways for the products formed from 
C11-MT and can be observed in Figure 5.4. 
 
Figure 5.4: Reaction pathways followed by the intermediate product C11-MT to obtain 
the final ring-opening and C10, C9, C8 cracked products (Note: one isomers of each 
category is represented). 
As it can be seen from Figure 5.4, C11-MN is partially hydrogenated to C11-MT, which is the 
intermediated product. C11-MT undergoes a series of parallel reactions such as ring-opening 
and cracking to obtain the final products listed above. 
Reaction Pathways: Part II 
The second intermediate product formed from the decomposition of C11-1MN, though at a 
lower concentration compared to C11-MT, is C11 hydrogenated product (C11-MD). 
C11-MD results from the complete hydrogenation of both fused rings in C11-1MN. By 
combining both the compounds identified in Table 5.1 and the concentration-time curves 
represented in Figure 5.1, the possible products formed from C11-MD have been investigated 
and are listed below.  
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C10-D Cracked Products: these products are formed by cracking the methyl group that is 
present in C11-MD, thus obtaining two hydrogenated fused rings. 
C9-AC Cracked Products: these products are obtained after the opening and cracking of one 
of the two hydrogenated fused rings of C11-MD. 
C8-A Cracked Products: These products result from the opening and cracking of both 
hydrogenated rings of C11-MD, forming an alkane. 
The yields of C11-MD and the final products produced from the former are shown in Figure 
5.5. 
 
Figure 5.5: Product yield, with error bars, of intermediate product C11-MD and final 
C10, C9 and C8 cracked products at τ  = 1, 10, 20 minutes, 450 oC, 10 MPa. 
As an intermediate product, C11-MD yield rises to a maximum and then falls. Cracked C8-A 
products exhibit a higher increase in yield after τ = 10 minutes. This pattern is followed by 
cracked C10-D and cracked C9-AC products, but at a lesser extent. These results have 
permitted to obtain the following pathways described in Figure 5.6. 
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Figure 5.6: Reaction pathways followed by intermediate product C11-MD and final C10, 
C9 and C8 cracked products (Note: one isomers of each category is represented). 
In the pathways described in Figure 5.6, both fused rings of C11-1MN are hydrogenated to 
form C11-MD. As C11-MD is an intermediate product, it produces final products consisting 
of C10, C9 and C8 cracked products. Based on the product yields in Figure 5.5, it can be 
argued that the cracked products are all formed in parallel reactions. In contrast, Kubicka et 
al. [66] observed a different trend in their study of ring-opening of decalin over zeolite 
catalysts. Decalin isomers were the primary products, which were then converted to ring-
opening products and then cracked products. 
Overall Reaction Pathway 
A great deal of research can be found [39] [65] [66], which presents reaction pathway 
speculations based on possible products formed. However, pathways with the actual products 
obtained are rarely encountered. In the present work, all products have been identified, as 
presented in section 5.3.1, and therefore the pathways taking place during the reaction can be 
obtained. 
This section attempts to identify the possible overall pathway with the help of all data 
gathered at these three residence times. The reaction pathway that takes place is complex, as it 
does not follow a simple parallel or consecutive path. Therefore, the combination of the 
findings in ”Reaction Patways: Part I and II” permit to obtain the overall reaction pathway of 
hydrocracking of C11-1MN, depicted in Figure 5.7. The reactant, C11-1MN, is consumed in 
two different parallel reaction pathways, forming two intermediate products: partially 
hydrogenated (C11-MT) and hydrogenated products (C11-MD). Following the formation of 
C11-MT and C11-MD, the reaction pathway occurs in two complex parallel branches. The 
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reactions that are undergone in each branch can each be described as consecutive. C11-MT 
and C11-MD react further in their respective branch to form final products. In the first branch, 
following C11-MN decomposition into C11-MT, the latter behaves as an intermediate 
product, with its concentration rising then falling as it is being consumed to form the final 
products. In this case, four categories of final products are formed in parallel, resulting from 
the ring-opening and cracking of C11-MT. In the second branch, hydrogenated product C11-
MD, formed from the decomposition of C11-1MN, is the intermediate product of its branch as 
its concentration increases at τ = 10 minutes then decreases as it is being consumed to form 
the final products. In this case, three groups of final products are formed in parallel reactions. 
For simplicity, Figure 5.7 displays one representative isomer for each category. 
Park et al. [39] carried out research on the selective ring-opening of C11-1MN over alumina 
modified zeolite, which has Brønsted acid sites, in the context of LCO upgrading. The aim of 
Park et al. is to produce ring-opening products, such as long chain alkylated mono-aromatics 
which have a high cetane number, through selective hydrocracking. Park et al. proposed a 
potential pathway occurring during the reaction, without however identifying all the 
compounds obtained. The first step of the reaction is the one ring hydrogenation of C11-1MN 
forming C11-MT. The latter is then protonated on the Brønsted acid sites. This is followed by 
the formation of a carbenium ion. The molecule is then successively β-fissioned over the 
acidic catalyst, according to the positions of the carbenium ion, forming ring-opening 
products followed by cracked products. In the present work, all molecules produced have 
been identified using a GC-MS. This has allowed obtain a possible reaction pathway of C11-
1MN that occurs during the hydrocracking reaction. The current pathway presents some 
similarities with the one presented by Park et al. [39], such as the first step, which is the 
partial hydrogenation of C11-1MN, followed by the ring-opening and cracking reactions. One 
difference, however, is that in the current work, the ring-opening and cracking reactions occur 
in parallel and not consecutively as presented in [39]. Furthermore, in contrast to Parker et al., 
who use zeolite catalysts, the catalyst employed in these experiments has an alumina support 
which contains predominantly Lewis acid sites. Therefore the cracking of C11-1MT occurs on 
the Lewis acid sites. 
Hence, both reaction pathways present some similarities and some differences, mainly due to 
the difference of the nature of the catalyst and the conditions employed. 
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Figure 5.7: Overall reaction pathway followed by hydrocracking of C11-1MN (Note: one 
isomers of each category is represented). 
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5.4 Conclusions 
This chapter investigated the reaction pathways of the hydrocracking of C11-1MN with 
NiMo/Al2O3 by varying the residence time from 1 to 20 minutes. 
All products and their isomers obtained at these three residence times were identified with the 
GC-MS. The chromatograms obtained from the GC-MS analysis produced a large number of 
peaks, with many of the peaks being isomers of the same molecule. The identified compounds 
were divided into categories based on their carbon atom number and chemical structure. Four 
main categories of products arose. These were partially hydrogenated products, hydrogenated 
products, ring-opening products and cracked products. 
The partially hydrogenated products contained 1-methyl tetralin and 5-methyl tetralin (C11-
1MT and C11-5MT, respectively). The hydrogenated products were composed of 1-methyl 
decalin (C11-MD). The ring-opening and cracked product categories contained different 
molecules and thus were subdivided into C11 alkyl and alkenyl benzenes (C11-AB and C11-
AlkB, respectively) in the case of ring-opening products. Cracked products were subdivided 
into three groups: compounds with 10 carbon atoms (C10) composed of C10 decalin (C10-D), 
C10 alkyl and C10 alkenyl benzenes (C10-AB and C10-AlkB, respectively), compounds with 
9 carbon atoms C9 consisting of C9 alkyl cyclohexane (C9-AC), C9 alkyl and C9 alkenyl 
benzenes (C9-AB and C9-AlkB, respectively), and finally compounds with 8 carbon atoms 
(C8) composed of C8 alkyl benzene (C8-AB) and C8 alkane (C8-A). 
Concentration-time curves were then plotted and it was observed that the reactant 
concentration decreased. Partially hydrogenated and hydrogenated product concentrations 
were initially low, then rose to finally drop. They were assumed to be intermediate products 
that were consumed to produce final products. The final products demonstrated a steady 
increase with residence time, with the highest rate of increase occurring when the 
intermediate products were at a maximum. 
The findings of both the nature of the products along with the concentration-time curves were 
then used to identify whether products were formed from partially hydrogenated or 
hydrogenated products. It was concluded that the reaction occurred in two parallel branches, 
each branch consisting of a consecutive reaction. Thus in the first branch, partially 
hydrogenated products were the intermediate products that were consumed to form in parallel 
ring-opening and C10, C9 and C8 cracked products. It was observed that the yield of ring-
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opening products was the highest, and was followed by C9 then C10 and C8 cracked 
products. 
In the second branch, the intermediate product, which was the hydrogenated product, was 
consumed to produce in parallel cracked C10-D, C9-AC and C8-A products. The yields were 
also displayed for these products and the highest yield was observed for C8-A cracked 
products. 
Finally an overall reaction pathway was presented. It was concluded that the hydrocracking of 
C11-1MN followed a complex reaction pathway with multiple reactions that involved a 
combination of both parallel and consecutive reactions.  
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CHAPTER 6 Temperature Effect on 1-
Methylnaphthalene Conversion and Product 
Distribution 
This chapter explores the effect of temperature (400 – 450 oC) on 1-methylnaphthalene 
hydrocracking with a commercial NiMo/Al2O3 catalyst. The effect of temperature on the 
conversion and activation energy of 1-methylnaphthalene is initially assessed. The 
temperature influence on the product groups obtained after the reaction is also determined by 
comparing their yields and selectivities at each temperature. 
6.1 Introduction 
Generally, the process severity (high temperature and high pressure) is increased with 
increasing feedstock boiling range. Heavy oils need to be hydrogenated and cracked to open 
the polycyclic rings [68], thus several parameters, such as temperature, can be varied during 
hydrocracking experiments in order to improve the conversion of heavy feedstocks to produce 
high yields of light fuel oils. 
Many studies [56] [63] [66] have been performed to investigate the ring-opening selectivity of 
polycyclic aromatic hydrocarbons, with both heavy oils and model compounds such as 
naphthalene, tetralin, decalin, phenanthrene and anthracene as feedstocks. Sánchez and 
Ancheyta [105] studied the hydrocracking of Maya heavy oil in a pilot plant, varying 
temperature between 380 – 420 oC, pressure 6.9 – 9.8 MPa and LHSV 0.33 – 1.5 1/h.  The 
products obtained were gases, naphtha, middle distillates, VGO and unconverted residue. 
They observed that the effect of temperature came second in importance, with LHSV and 
pressure being the most and the least important variable in their work, respectively. Thus, 
variations in LHSV and temperature greatly affected the product composition. As Speight 
[106] also indicated, an increase in reaction temperature or a reduction of space velocity both 
increased HDS, HDN and hydrocracking (HC) reaction rates. These observations also agree 
with the work carried out by Mosio-Mosiewski and Morawski [1]. They studied the activity 
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of NiMo/Al2O3 in a single-stage hydrocracking continuous flow reactor with vacuum residue 
at temperatures of 410 – 450 oC, pressures of 12 – 20 MPa and LHSV of 0.25 – 0.75 1/h. 
They noticed that reaction temperature and LHSV greatly affected the VR hydrocracking 
process and effectively reduced the contents of asphaltenes and CCR (Conradson Carbon 
Residue). Sugimoto [33] investigated carbon supported NiMo catalysts in a slurry phase 
continuous hydrocracking reactor with atmospheric residue at temperatures of 440 – 460 oC, 
pressure of 8 MPa. He observed that the yield of light fractions such as naphtha, kerosene and 
LGO increased with increasing temperature. Miki and Sugimoto [68] studied the 
hydrocracking of 1-methylnaphthalene and 2-methylnaphthalene over NiMo/Al2O3 catalyst in 
an autoclave reactor at temperatures of 390 – 450 oC and pressure of 6 MPa. They 
investigated more closely the ring-opening selectivity of 1- and 2-methylnaphthalene and 
observed that 1-methylnaphthalene had the same reactivity in both the ring-opening and 
cracking reactions. In the case of 2-methylnaphthalene, the ring-opening rate was higher than 
the cracking rate. For both reactants the yield of methyl tetralins decreased with increasing 
temperature. Similarly the yield of methyl decalins remained steady from 390 – 430 oC and 
dropped at 450 oC for both. 
Many studies have been conducted using model compounds in the context of LCO. The main 
difference with conventional hydrocracking is that selective ring-opening requires only one 
C-C bond of the naphthenic molecule to be broken, avoiding big molecular weight reduction 
of the feed [56]. Excessive hydrocracking should be avoided because it results in the cracking 
of LCO into light gaseous hydrocarbons and increases the rate of coke deposition onto the 
catalyst surface [39]. Furthermore, it can produce low molecular weight compounds with low 
yields in the diesel range. As McVicker et al. [90] and Santikunaporn et al. [51] described, 
selective ring-opening can yield high cetane numbers without losing the carbon number in the 
molecule. Several researchers [51] [61] [63] [66] [107] studied ring-opening at different 
operating conditions, such as temperature (typically between 250 – 350 oC), residence time, 
and catalyst support (alumina and zeolites). Arribas et al. [56] observed that ring-opening 
increased with increasing temperature, 300 – 375 oC, however ring-opening products were 
further cracked into lighter products at higher temperatures (above 375 oC) over zeolite-based 
catalysts. Santikuporn et al. [51] investigated the ring-opening of decalin and tetralin on HY 
and Pt/HY zeolite catalysts in a continuous fixed-bed reactor at 260 – 327 oC and 2 MPa. 
They grouped products as cracking, ring contraction, ring-opening and dehydrogenation 
products. They observed that ring-opening products from decalin were obtained as secondary 
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products through the cracking of ring contraction intermediates. Two decalin isomers were 
formed, cis- and trans-decalin, and at low temperature the overall yield of ring-opening from 
cis-decalin was higher than from the trans-isomer. With increasing temperature the selectivity 
to ring-opening products decreased, as secondary cracking was more considerable. Finally the 
conversion of tetralin proved to be more difficult due to the presence of the aromatic ring. The 
only primary product from tetralin was cis- and trans-decalin and secondary products 
consisted of cracking, ring contraction and ring-opening products. 
Due to the complexity in the structure of heavy oil, 1-methylnaphthalene has been chosen 
investigate more closely the effect of temperature on the groups of products formed. 
Employing a polyaromatic structure present in heavy oil is beneficial towards gaining a better 
and more detailed understanding of the temperature influence on the product yields and 
selectivities to certain groups of products. 
In the present work, the variation of temperature from 400 – 450 oC enables to obtain the rate 
constants and the activation energy of 1-methylnaphthalene. The effect of temperature on 
each product category is analysed by comparing their yields and selectivities. 
6.2 Experimental 
6.2.1 Experimental Set-Up 
The feed used is 1-methylnaphthalene (C11-1MN) (95 % purity) from Sigma-Aldrich and the 
catalyst is a commercial hydrocracking NiMo/Al2O3 catalyst. The catalyst is loaded in the 
reactor tube prior to its in situ activation; the full procedure is described in Chapter 3. 
Hydrocracking experiments are carried out in the CFBR, the experimental setting is 
thoroughly described in Chapter 4. The following four temperatures 400, 420, 430 and 450 oC 
are studied. All other variables are kept constant, such as hydrogen pressure at 10 MPa and 
residence time of 1 minute in the catalyst bed and H2/C11-1MN ratio = 750 (Nm3/m3).  
6.2.2 Analysis 
A Gas Chromatograph with a FID detector (GC-FID), as described in Chapter 3, is employed 
to quantify the total conversion of the reactant and the yields of its products. This is achieved 
by converting the area of the peaks, of both the reactant and products on the chromatogram, 
into concentrations. 
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A Gas Chromatograph with a Mass Spectrometer (GC-MS) is used to further identify the 
products. Since there are many peaks on the chromatogram, products are divided into groups, 
which are described in section 6.3.2. The mass spectra (electron ionisation) of the molecules 
in the products are analysed with the MS’s library search in conjunction with NIST Chemistry 
WebBook [87]. More details on these analytical techniques can be found in Chapter 3. 
6.3 Results and Discussion 
This section aims to describe the effect of temperature on C11-1MN hydrocracking reactions. 
The total conversion and the activation energy of C11-1MN are investigated. The effect of 
temperature on products is characterised by obtaining the yield and selectivity of each product 
category, described in detail in Chapter 5. 
6.3.1 Temperature Effect on 1-Methylnaphthalene 
Conversion 
Data displayed in Table 6.1 suggest that the total conversion of C11-1MN is highly dependent 
on the reaction temperature [56], which favours the decomposition of C11-1MN, also 
mentioned by Ramirez et al. [108]. At both 400 and 420 oC, C11-1MN conversion is low. A 
significant change in conversion occurs from 420 to 430 oC and remains high at 450 oC.  
Table 6.1: 1-Methylnaphthalene total conversion at reaction temperatures of 400, 420, 
430 and 450 oC, τ = 1 minute, 10 MPa. 
 Temperature (oC) 
 
  
400 
 
420 430 450 
C11-1MN conversion (%) 
 
14.1 17.0 34.8 45.5 
Standard error (+/-) 
 
3.3 0.6 2.2 0.9 
 
1-Methylnaphthalene Decomposition 
As it has been shown above, temperature has an effect on C11-1MN; therefore this section 
aims to calculate the activation energy, Ea, for the C11-1MN decomposition. 
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As it was demonstrated in Chapter 5, C11-1MN reacts and decomposes into partially 
hydrogenated (C11-MT) and hydrogenated (C11-MD) products. Based on the data obtained at 
these four temperatures, it is possible to determine the activation energy, Ea, of C11-1MN. 
The activation energy can be defined as the minimum energy that must be possessed by 
reacting molecules before the reaction occurs [109]. 
In a first step, the rate constant at each temperature has to be calculated. Assuming that the 
reaction is of first-order [1] [110] [111] and A = C11-1MN A → Products 
the rate of reaction is  
 r! = − dC!dt = k!C! ( 6.1) 
Where rA is the reaction rate (mol/L.s), kA is the rate constant (1/s), CA (mol/L) is the 
concentration of the reactant. 
The integrated form of Equation ( 6.1) gives Equation ( 6.2) 
 − ln C!C! ! = k!τ ( 6.2) 
Where τ is the residence time (s) and (CA)0 (mol/L) is the initial concentration of the reactant. 
The conversion xA is the fraction of the reactant that has been consumed. For a constant 
volume 
 x! = C! ! − C!C! !  
or      C! = C! !(1− x!) ( 6.3) 
The rate constant can be calculated by isolating kA in Equation ( 6.2) to give Equation ( 6.4).  
 k! = 1τ ln C! !C!  ( 6.4) 
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Equation ( 6.3) can then be substituted in Equation ( 6.4) to form 
 k! = 1τ ln C! !C! !(1− x!) ( 6.5) 
Thus the rate constant can be derived for each temperature studied, which is shown in Table 
6.2. 
Table 6.2: Rate constants obtained for 400, 420, 430 and 450 oC. 
kA (1/s) 0.00252 0.00311 0.00712 0.01012 
T (oC) 400 420 430 450 
 
So far, the rate constant kA has been determined for each temperature. The rate constant is 
almost always strongly dependent on temperature and should follow Arrhenius’ law [104]. 
Thus the temperature dependence of the rate constant, kA, can be correlated by the Arrhenius 
equation shown in Equation ( 6.6) 
 k! = k!e!!!!" 
ln k! = ln  k! − E!R 1T  ( 6.6) 
Where k0 is the pre-exponential factor, Ea is the activation energy (J/mol), R is the gas 
constant (8.314 J/mol), T is the temperature (K). 
Thus the activation energy, Ea, can be determined with Equation ( 6.6) by plotting ln k versus 
1/T which gives a straight line. The slope represents −  !!!  . The activation energy value is 
calculated to be 121 kJ/mol. This activation energy value is comparable with results presented 
by Mosio-Mosiewski and Morawski [1], who found activation energy values in the same 
range. 
6.3.2 Temperature Effect on Product Distribution 
This section identifies the products resulting from C11-1MN conversion and studies the effect 
of temperature on the product yields and selectivities. As it will be shown, products obtained 
contain the same number of carbon atoms or lower. 
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Product Distribution 
The chromatograms obtained from GC-FID and GC-MS depict several peaks, some more 
pronounced than others. As mentioned in Chapter 5, products and their isomers are grouped 
according to their carbon atom number and chemical structure. The products observed at 400, 
420, 430 and 450 oC have been categorised in Table 6.3 (for simplicity, each category is 
represented by one of its isomers only). 
Table 6.3: C11-1MN reactant and products obtained during hydrocracking experiments 
at 400, 420, 430, 450 oC, τ  = 1 minute, 10 MPa. 
Category Formula Isomer 1 
Name & Structure 
Cracked Products of C9 
Alkyl Benzene 
(C9-AB) 
C9H12 
Mw 120 
Benzene, 1-ethyl-2-methyl 
 
Cracked Products of C10 
Alkyl Benzene  
(C10-AB) 
 
C10H14 
Mw 134 
Benzene, n-butyl 
 
Cracked Products of C10 
Alkenyl Benzene  
(C10-AlkB) 
 
C10H12 
Mw 132 
Benzene, 1-methyl-4-(2-propenyl) 
 
 
Hydrogenated Bicyclic 
Products of C11 
(C11-MD) 
C11H20 
Mw 152 
1-Methyl decalin 
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Ring-Opening Products of 
C11 Alkyl Benzene 
(C11-AB) 
C11H16 
Mw 148 
Benzene, (1-methylbuyl)- 
 
Ring-Opening Products of 
C11 Alkenyl Benzene 
(C11-AlkB) 
C11H14 
Mw 146 
Benzene, 2-methyl-1-
methylenepropryl 
 
Partially Hydrogenated 
Bicyclic Products of C11 
(C11-MT) 
 
C11H14 
Mw 146 
1-Methyl tetralin (C11-1MT) 
 
C11H14 
Mw 146 
5-Methyl tetralin (C11-5MT) 
 
Reactant  
 (C11-1MN) 
C11H10 
Mw 142 
1-Methylnaphthalene 
 
 
Products depicted in Table 6.3 are divided in four main categories: partially hydrogenated 
bicyclic products (also called partially hydrogenated products), hydrogenated bicyclic 
products (also called hydrogenated products), ring-opening products and cracked products. 
Note: ring-opening products are defined as the opening of one of the two fused rings and 
contain the same carbon atom number as the reactant. Cracked products are defined as 
compounds that contain less carbon atoms than the reactant. The products categories have 
been thoroughly explained in Chapter 5. 
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Each category is then further separated based on the carbon atom number of each compound 
and its chemical structure. Partially hydrogenated products have 11 carbon atoms (C11) and 
are named methyl tetralin (C11-MT). The C11-MT group is composed of two compounds 
with 11 carbon atoms (C11), which are 1-methyl tetralin (C11-1MT) and 5-methyl tetralin 
(C11-5MT). Hydrogenated bicyclic products have 11 carbon atoms (C11) and are denoted as 
1-methyl decalin (C11-MD). Ring-opening products, formed from C11-MT ring-opening as 
discussed in Chapter 5, contain 11 carbon atoms (C11) and are sub-divided into alkyl 
benzenes (C11-AB) and alkenyl benzenes (C11-AlkB). Finally, cracked products, obtained 
from the cracking of C11-MT, contain 9 and 10 carbon atoms (C9, C10), which are denoted 
as alkyl benzenes (C9-AB/C10-AB) and alkenyl benzenes (C10-AlkB) depending on their 
structure. Interestingly, no cracked products are formed from hydrogenated products at these 
temperatures. 
Yield and Selectivity 
In order to characterise the performance of the reaction, both the yield and overall selectivity 
are used. The former and the latter are related to each other through the total conversion 
[110]. 
The yield of a specific product can be defined as the amount of reactant required to make the 
product divided by the reactant supplied.  
The overall selectivity is defined as the amount of reactant required to make the product 
divided by the reactant consumed [112]. When there are more than two products, selectivity 
can be defined in terms of pair of products or a group of products [113]. 
The yields of the products obtained from C11-1MN hydrocracking are represented in Figure 
6.1 below. 
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Figure 6.1: Product yields, with error bars, at 400, 420, 430 and 450 oC, τ  = 1 minute, 10 
MPa. 
It can be observed from Figure 6.1 that C11-MT, C11-AlkB and C9-AB stand out as the 
products with the highest yields throughout the temperatures studied.  
At 400 oC, C11-1MN is converted mainly into two products, partially hydrogenated bicyclic 
products, C11-MT, and cracked products, C9-AB. Ring-opening products, C11-AlkB, appear 
at very low yields while C11-AB are absent.  
At 420 oC, the conversion of C11-1MN produces C11-MT and C9-AB, also as observed at 
400 oC. In addition to these, the yields of C11-AlkB increase compared to the yields at 400 oC 
and C11-AB appear. 
With increasing temperature, the conversion of C11-1MN, and thus the product yields, both 
increase. At 430 and 450 oC, cracked products, C10-AB and C10-AlkB, and hydrogenated 
bicyclic products, C11-MD, are present though at very low yields. 
In addition to the yields, the overall selectivity of the products is evaluated and can be seen in 
Figure 6.2. 
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Figure 6.2: Product selectivity, with error bars, of cracked products (C9-AB, C10-AB, 
C10-AlkB), hydrogenated product (C11-MD), ring-opening products (C11-AB, C11-
AlkB) and partially hydrogenated products (C11-MT) at 400, 420, 430 and 450 oC, τ  = 1 
minute, 10 MPa.  
Figure 6.2 summarises the selectivity of the four main categories of products present at 400, 
420, 430, 450 oC. The overall selectivity for partially hydrogenated products (C11-MT) and 
for ring-opening products (C11-AB, C11-AlkB) demonstrates a reflecting trend with 
temperature variations. As the selectivity for partially hydrogenated products decreases, the 
selectivity for ring-opening products increases, as observed at 420 and 450 oC. Similarly, as 
the selectivity for partially hydrogenated products increases, the selectivity for ring-opening 
products decreases, as seen at 400 and 430 oC. 
The overall selectivity for cracked products (C9-AB, C10-AB, C10-AlkB) indicates a 
decreasing trend with increasing temperature as illustrated in Figure 6.2. The overall 
selectivity for hydrogenated products (C11-MD) remains low at most temperatures, apart at 
430 oC where it demonstrates a small peak. 
It can be interpreted from Figure 6.2 that at 430 oC, C11-1MN is mostly converted into 
partially hydrogenated products and cracked products at the expense of ring-opening 
products, which demonstrate a minimum. At 450 oC however, an increase in ring-opening 
product selectivity is achieved as the selectivity for partially hydrogenated products decreases. 
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The next sections further examine the effect of temperature on the four product categories 
described above. 
Partially Hydrogenated Products 
As it has been reported previously, C11-1MN decomposes into partially hydrogenated 
products (C11-MT). C11-MT consist of 1-methyl tetralin (C11-1MT) and 5-methyl tetralin 
(C11-5MT), as illustrated in Figure 6.3. The two reaction pathways in Figure 6.3 are 
considered to be a set of irreversible parallel reactions with equal kinetic orders. 
 
Figure 6.3: Partial hydrogenation of C11-1MN to C11-1MT and C11-5MT. 
The rates of formation of the components in the parallel reactions, shown in Figure 6.3, are 
given in the following equations (in this case A = C11-1MN, B = C11-1MT and C = C11-
5MT) [110] 
 − dC!dt = (k! + k!)C! ( 6.7) 
 
 dC!dt = k!C! ( 6.8) 
 
 dC!dt = k!C! ( 6.9) 
 
 
k1 
k2 
C11-1MT 
C11-5MT 
C11-1MN 
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In order to eliminate time, Equations ( 6.8) and ( 6.9) are divided by Equation ( 6.7) to give 
 dC!dC! = − k!k! + k! ( 6.10) 
 
 dC!dC! = − k!k! + k! ( 6.11) 
If Equations ( 6.10) and ( 6.11) are integrated with the condition that at t = 0, CA = (CA)0 and 
CB = CC = 0 then the selectivities of B and C are 
 S! = Y!x! = k!k! + k! ( 6.12) 
 
 S! = Y!x! = k!k! + k! ( 6.13) 
Where YB and YC are the yields of B and C, respectively, and xA is the total conversion of A. 
From Equations ( 6.12) and ( 6.13), the overall selectivity of B to C is  
 S!/! = Y!Y! = k!k! ( 6.14) 
and 
 S!/! = k!k! = k! !k! ! e !!"!!!"!"  ( 6.15) 
The yields of both C11-1MT and C11-5MT at the four temperatures investigated are plotted 
in Figure 6.4.  
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Figure 6.4: Product yield, with error bars, of C11-1MT and C11-5MT at 400, 420, 430, 
450 oC, τ  = 1 minute and 10 MPa. 
It can be noted that the yield of C11-5MT is higher than C11-1MT also observed by Miki and 
Sugimoto [68] and Park et al. [39]. Miki and Sugimoto attributed this trend to the fact that the 
ring without the methyl group could have a higher hydrogenation reactivity than the ring with 
the methyl group [68]. The selectivity in terms of pair of products [113], which is the ratio of 
the yields of C11-1MT and C11-5MT, has been calculated using Equation ( 6.14). 
Interestingly, the yield ratio between C11-1MT and C11-5MT remains constant at all 
temperatures and is listed in Table 6.4. 
Table 6.4: Yield ratio of C11-1MT to C11-5MT at 400, 420, 430, 450 oC, τ  = 1 minute, 10 
MPa. 
 Temperature (oC) 
 400 420 430 450 
C11-1MT/C11-5MT ratio 0.48 0.46 0.47 0.47 
 
The results obtained in Table 6.4 can be interpreted with Equation ( 6.15). Typically, the ratio !!!! changes with temperature depending on whether Ea1 is greater or smaller than Ea2. When 
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temperature rises, 
!!!! increases if Ea1 > Ea2 and !!!! decreases if Ea1 < Ea2. In this case, however, 
this ratio remains constant throughout all temperatures investigated. Therefore, the activation 
energies, Ea1 and Ea2, must be equal (Ea1 = Ea2 = 121 kJ/mol ), which results in 
!!"!!!"!"  from 
Equation ( 6.15) being equal to 0. Thus Equation ( 6.15) becomes 
 k!k! = k! !k! ! ( 6.16) 
Which demonstrates that the ratio of the rate constants is not dependent on temperature 
changes.  
Ring-Opening and Hydrogenated Products 
The ring-opening products category is composed of 11 carbon atoms and contains both alkyl 
benzenes (C11-AB) and alkenyl benzenes (AlkB). The hydrogenated products consist of 1-
methyl decalin (C11-MD), which also contain 11 carbon atoms. The selectivities of C11-AB, 
C11-AlkB and C11-MD are displayed in Figure 6.5. 
 
Figure 6.5: Product selectivity, with error bars, of C11-AB, C11-AlkB and C11-MD at 
400, 420, 430 and 450 oC, τ  = 1 minute, 10 MPa. 
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The results shown previously in Figure 6.2 demonstrated that ring-opening product selectivity 
is dependent on temperature, which has also been observed by Arribas et al. [56]. A large 
variation can be observed in the selectivity for C11-AlkB with temperature. Whereas the 
selectivity for C11-AB remains minimal with a small increase at 420 and 430 oC, while being 
absent at 400 and 450 oC. The selectivity for hydrogenated products (C11-MD) is also low, 
appearing only at 430 and 450 oC. 
The possible ring-opening of C11-1MT and C11-5MT and the hydrogenation of C11-1MN 
are illustrated in Figure 6.6. Ring-opening products are composed of C11-AB and C11-AlkB. 
C11-1MT and C11-5MT are also cracked into cracked products such as C9-AB, C10-AB and 
C10-AlkB, discussed in the next section [63] [107]. The complete reaction pathways have 
been discussed in detail in Chapter 5. 
 
Figure 6.6: Ring-opening of C11-1MT and C11-5MT and hydrogenation C11-1MN. 
Cracked Products 
Cracked products depicted in the red square in Figure 6.7, are formed following the cracking 
of partially hydrogenated products. 
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Figure 6.7: C9 and C10 cracked products formed from C11-1MT and C11-5MT. 
The only cracked products that have been encountered at the studied temperatures contain 
both alkyl benzenes and alkenyl benzenes with 9 and 10 carbon atoms (C9 and C10). 
Specifically, these are C9-AB, C10-AB and C10-AlkB. The selectivity for each product at 
400, 420, 430 and 450 oC has been plotted in Figure 6.8. 
 
Figure 6.8: Cracked product (C9-AB, C10-AB and C10-AlkB) selectivity, with error 
bars, at 400, 420, 430 and 450 oC, τ  = 1 minute, 10 MPa. 
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Surprisingly, the selectivity for C9-AB demonstrates a decreasing trend with increasing 
temperature. As mentioned in Chapter 5 and shown in Figure 6.7, ring-opening and cracked 
products are formed in parallel from partially hydrogenated products. Therefore depending on 
the temperature, the selectivity to these products changes. A possible explanation to the 
behaviour of C9-AB is that at 450 oC ring-opening products demonstrate a high selectivity, 
which in turn affects the selectivity of C9-AB. In this case the selectivity of C9-AB decreases 
in favour of the formation of either ring-opening products at 420 and 450 oC, which are 
formed in parallel with cracked products, or partially hydrogenated products at 400 and 430 
oC, as observed in Figure 6.2. 
 C10-AB and C10-AlkB are both present, though at very low selectivity. C10-AB appears 
only at 450 oC and C10-AlkB at both 420 and 430 oC. 
6.4 Conclusions 
This chapter investigated the effect of temperature (400 – 450 oC) on the hydrocracking of 
C11-1MN over a commercial NiMo/Al2O3 catalyst. 
The effect of temperature on the reactant, C11-1MN, was examined first. The activation 
energy for the decomposition of C11-1MN was calculated. To achieve this, the rate constant 
was determined at each temperature studied, which was then fitted into the Arrhenhius 
equation to obtain the activation energy. 
The effect of temperature on the product distribution was then studied. The products formed 
were listed and categorised based on their carbon atom number and chemical structure. Four 
categories were obtained: partially hydrogenated bicyclic products, hydrogenated bicyclic 
products, ring-opening products and cracked products. Each category was then further 
separated based on the chemical structure of the compounds. 
Partially hydrogenated products were made out of C11 methyl tetralin (C11-MT). C11-MT 
group was composed of two compounds with 11 carbon atoms (C11), which were 1-methyl 
tetralin (C11-1MT) and 5-methyl tetralin (C11-5MT). Hydrogenated products of C11 
contained 1-methyl decalin (C11-MD). Ring-opening products had 11 carbon atoms (C11) 
with both alkyl and alkenyl benzenes (AB and AlkB). Cracked products contained 9 carbon 
atoms (C9) with alkyl benzenes (AB) and 10 carbon atoms (C10) with both alkyl and alkenyl 
benzenes (AB and AlkB). Each group was represented by one isomer. Interestingly there were 
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less cracked products produced from C11-1MT and C11-5MT. In addition, no cracked 
products from C11-MD were observed at these conditions. 
The yield and selectivity for those products were then evaluated. The yields of C11-MT, C11-
AlkB and C9-AB stood out as the products with the highest yields throughout the 
temperatures studied. All three products were present at all temperatures, however, C11-AlkB 
appeared at low yields at 400 oC. 
The overall selectivity of all four product categories was compared between the different 
temperatures. The overall selectivity of partially hydrogenated products and ring-opening 
products was mirrored. The overall selectivity for cracked products decreased with increasing 
temperature. Finally the selectivity of hydrogenated products was very low with a small peak 
observed at 430 oC. 
Each category of products was then examined in more detail. The partially hydrogenated 
products were composed of 1-methyl tetralin (C11-1MT) and 5-methyl tetralin (C11-5MT). It 
was noted that the ratio of the yields of both products remained the same at all temperatures 
studied. Thus it was demonstrated that the activation energies of both products were equal. 
Ring-opening products were composed of C11 alkyl benzenes (C11-AB) and C11 alkenyl 
benzenes (C11-AlkB) and hydrogenated products consisted of 1-methyl decalin (C11-MD). 
C11-AlkB presented the largest variation with temperature. Selectivity for C11-AB and C11-
MD was very low, the former appeared at 420 and 430 oC and the latter at 430 and 450 oC. 
The last group consisted of cracked products composed of C9 alkyl benzenes (C9-AB) and 
C10 alkyl and alkenyl benzenes (C10-AB & C10-AlkB). These products were formed from 
the cracking of partially hydrogenated products. C9-AB presented the highest overall 
selectivity out of the three cracked products, which decreased with increasing temperature. 
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CHAPTER 7 Role of Sulphur in 
Hydrocracking Catalyst Activation 
The influence of the sulphiding agent, diheptyl disulphide (DHDS) present in the feedstock, 
has been investigated on catalyst activation. The presence of sulphur is confirmed on catalysts 
after their use and the sulphur concentration in the products is compared to 1-
methylnaphthalene conversion. Four activation temperatures (400, 420, 430 and 450 oC) are 
tested and a closer look on the effect of DHDS decomposition products on catalyst 
sulphidation is investigated. 
7.1 Introduction 
Catalytic hydrocracking is performed with catalysts such as nickel-molybdenum (NiMo) 
supported on γ-Al2O3. The precursor (NiMo) catalysts are provided by the manufacturer in 
their oxide form, MoO3 and NiO, which are inactive and thus need to be converted to the 
sulphide form, which is the one active and stable during the reaction, as mentioned by 
Delmon [114]. The activation step is crucial as it determines the catalyst activity during the 
reaction. This step is carried out in two parts: reduction by hydrogen (H2) and sulphidation by 
a sulphiding agent prior to its use. The typical activation conditions for oxide precursors are 
temperatures between 300 – 400 oC and pressures of 0.2 – 5 MPa in presence of reducing and 
sulphiding agents. Furthermore, the activation step can take place either in situ or ex situ 
[115]. The conditions used for the activation step are extremely important as they determine 
not only the activity but also the selectivity, structure and composition of the active species 
[59]. 
A great deal of attention has been given over the past decades to understand the activation 
process and its effect on catalyst activity. These have been briefly mentioned in Chapter 2. 
According to Massoth [116], complete sulphidation of molybdenum-alumina catalyst cannot 
be achieved between 350 and 420 oC, however other researchers disagree by demonstrating 
that catalysts treated at 420 oC contain 89% of molybdenum in the form of MoS2. Amongst 
other researchers, Prada-Silvy, Grange and Delmon [54] investigated three activation 
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sequences: reduction followed by sulphidation and vice versa, and simultaneous reduction-
sulphidation, reaching to the conclusion that the most active catalyst is the one treated by 
simultaneous reduction and sulphidation.  Several studies have been dedicated in finding the 
optimal activation steps and conditions; however no general agreement has been reached. 
Other investigations have been carried out on the surface of the catalyst at different conditions 
to examine the way metals such as cobalt, molybdenum promote the activity of MoS2 sites. 
The general activation from oxide form to sulphide form follows this path: MoO3 is converted 
into MoO2S by removing S either from H2S or from a spiked feed (sulphur containing 
compound is added in the feedstock). MoO2S is then reduced to MoS2. It has been noted that 
this transformation is helped by the presence of metal promoters such as Nickel (Ni) and 
Cobalt (Co). Grange [14] described that the MoO3 is converted into MoO2 and MoS2, 
however MoO2 could not be easily further converted into MoS2. 
As mentioned earlier, the activation step requires a sulphiding agent, which can be H2S, 
Dimethyl Disulphide (DMDS), CS2 or a spiked feed. Over the past years, sulphiding with 
DMDS or polysulphide agents is preferred in industry compared to H2S. This can be 
explained by two main reasons; firstly DMDS or other polysulphides are easier to handle than 
H2S and can deliver sulphur gradually by controlling the kinetics of their decomposition. 
Secondly, they are recognised as being better sulphiding agents for Ni(Co)Mo/Al2O3 catalysts 
[58]. Additionally, DMDS is fairly inexpensive and has a low volatility. Prada-Silvy et al. 
[59] also investigated the effect of various sulphiding agents, and found that butanethiol is the 
most efficient one. The process through which catalysts are activated with organic sulphides 
has been investigated by several researchers such as Texier et al. [115] and Sotani et al. [117]. 
The latter found that when MoO3 was used for thiophene hydrodesulphurisation (HDS), the 
first product recovered was butane, but not H2S. Thus they believed that the sulphur from 
thiophene was removed and used towards the sulphidation of the oxide precursor. Sulphur 
was provided either directly from thiophene or by H2S produced by the HDS of thiophene.  
The above investigations deal with HDS reactions aiming to remove sulphur from the 
feedstock. Furthermore, the operating conditions are milder than for hydrocracking (HC) 
experiments, which is the process studied in this thesis. In the present case, the hydrocracking 
reactions are preceded by a HDS reaction, which acts as the activation step of the catalyst. 
The sulphur, found in the feed, activates the sites on the catalyst and the latter carries out the 
HC reaction of 1-methylnaphthalene (C11-1MN).  
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The present work aims to study the effect of the sulphiding agent, diheptyl disulphide 
(DHDS) at four activation temperatures (400, 420, 430, 450 oC). This investigation attempts 
to determine whether sulphur present in the feed activates effectively the catalyst in situ. The 
effect of sulphur is examined by comparing the C11-1MN conversion with the sulphur 
concentration in the products at these temperatures. The role of the decomposition products of 
DHDS during the catalyst activation and on C11-1MN is also elucidated. 
7.2 Experimental 
7.2.1 Experimental Set-Up 
The continuous fixed-bed hydrocracking reactor (CFBR) and the experimental procedure 
have been discussed in detail in Chapter 3 and Chapter 4. The experiments for this 
investigation are conducted at 400, 420, 430 and 450 oC, maintaining other variables constant 
such as pressure at 10 MPa and residence time in catalyst bed at τ = 1 minute. The feedstock 
is 1-methylnaphthalene (C11-1MN) (95% purity from Sigma-Aldrich) and the catalyst is a 
commercial hydrocracking NiMo/Al2O3 supplied in oxide form. 
At the start of each experiment catalysts are loaded in the fixed-bed reactor in their oxide 
form, MoO3 and NiO. The reactor is purged three times with nitrogen and pressurised with 
hydrogen (H2). Catalysts are reduced in situ with H2, and afterwards sulphidation is 
performed by DHDS already present in the feed. DHDS is introduced inside the reactor in a 
H2 atmosphere.  
7.2.2 Analysis 
X-Ray Fluorescence (XRF) is chosen to investigate the presence and the concentrations of 
sulphur in the fresh feedstock, product samples (liquids) and catalysts (solids). The 
description, operation of the XRF and the sulphur calibration curve are detailed in Chapter 3. 
It is important to note that the sulphur concentration on the catalysts is measured with the 
same calibration curve built for liquid samples due to technical constraints. 
Gas Chromatography with a Mass Spectrometer (GC-MS) is utilised to identify the nature of 
the S-containing compound present in C11-1MN feed and products. Gas Chromatography 
with a FID detector (GC-FID) is then employed for the calculation of the product yields 
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formed from DHDS decomposition during experiments. These analytical techniques are 
described in greater detail in Chapter 3. 
7.3 Results and Discussion 
7.3.1 Sulphur Presence on Catalyst  
As mentioned previously, fresh catalysts are provided in oxide form (MoO3, NiO) and need to 
be effectively activated by sulphiding them. This section aims to confirm sulphur presence on 
the catalyst surface. According to Topsøe and Clausen [55], Ni-Mo-S structures are now 
widely accepted to be the active sites. 
DHDS from the feedstock decomposes straight to H2S and an alkane or to thiol [59], 
activating the oxide sites to metal sulphides deposited on the catalyst support [118]. The use 
of XRF permits to detect the presence of S and to provide an approximate estimation of S 
concentration on the used catalyst surface, shown in Table 7.1. 
Table 7.1: Sulphur concentration on the catalysts surface at 400, 420, 430 and 450 oC, 
τ  = 1 minute, 10 MPa. 
Temperature (oC) S concentration (mg/g) 
400 4.00 
420 4.30 
430 4.85 
450 4.62 
 
As expected, no S is detected on the fresh (unused) catalyst. S concentration demonstrates 
small variations with increasing temperature. Therefore, the presence of S on catalysts is 
validated. 
7.3.2 Influence of Sulphur on 1-Methylnaphthalene Conversion  
Catalyst sulphidation has a direct impact on catalyst activity and therefore on the performance 
of hydrocracking reactions. The total conversion of C11-1MN and sulphur concentration in 
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the products have been plotted for experiments at 400, 420, 430 and 450 oC with catalyst and 
450 oC with no catalyst in Figure 7.1 when the reaction is at steady state.  
 
Figure 7.1: Sulphur concentration and total C11-1MN conversion at 400, 420, 430, 450 
oC, τ  = 1 minute, 10 MPa.  
Conversion increases with temperature and it can be clearly noticed that the experiment at 
450 oC without catalyst has the lowest total C11-1MN conversion of 2.5 % and the highest 
concentration of sulphur 0.37 mg/g, which is equal to the concentration of sulphur in the fresh 
feed which is 0.37 mg/g. As the temperature increases, the conversion of C11-1MN rises 
continuously till 450 oC, while the sulphur concentration simultaneously decreases. The 
bigger change in conversion occurs between 420 and 430 oC, which is when the biggest drop 
in sulphur concentration occurs, whereas for both the change between 400 and 420 oC is 
minimal. It is also interesting to compare the conversion of C11-1MN and sulphur 
concentration of the experiments at 450 oC with and without the presence of catalyst. The 
experiment without catalyst at 450 oC has a conversion of 2.5 %, while it increases to 46.4 % 
with catalyst and in terms of sulphur concentration it decreases from 0.37 mg/g to 0.04 mg/g. 
A rough mass balance for sulphur has also been carried out. During a 3 h TOS experiment at 
450 oC, 0.067 g of sulphur are fed to the reactor, while 0.0072 g are recovered in the liquid 
products and 0.00462 g are deposited on the catalyst surface. Therefore, approximately 80% 
of the sulphur goes to the gas phase in the form of H2S. 
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In order to understand the effect of sulphur, DHDS conversion and C11-1MN conversion are 
both plotted against sulphur concentrations on catalysts at the different reaction temperatures 
as depicted in Figure 7.2. 
 
Figure 7.2: Conversions of DHDS and C11-1MN and sulphur concentration on the 
catalyst at 400, 420, 430, 450 oC, τ  = 1 minute, 10 MPa. 
As detailed in Figure 7.2, increasing temperature causes an increase in DHDS and C11-1MN 
conversions, which follow similar trends, as well as an increase in the degree of sulphidation 
of the catalyst and therefore an increase of its catalytic activity. This could also demonstrate 
that the sulphur decomposing from DHDS reacts with H2 and the products effectively 
sulphide the catalyst surface by activating it. The combined effect of high catalytic activity 
and temperature results in high C11-1MN conversions at high temperatures.  
7.3.3 Influence of Activation Temperature and Sulphiding Agent 
This section aims to acquire a better understanding on the influence of temperature on the 
sulphidation of catalysts. Prada-Silvy et al. [59] reported that not only does temperature play a 
role in sulphidation but so does the nature of the sulphiding agent. Therefore, the next 
paragraphs try to elucidate the effect of the sulphiding agent DHDS and to understand its role 
during the sulphidation step at temperatures of 400, 420, 430, 450 oC. 
0 
1 
2 
3 
4 
5 
6 
7 
8 
9 
10 
0 
10 
20 
30 
40 
50 
60 
70 
80 
90 
100 
400 405 410 415 420 425 430 435 440 445 450 
S 
C
on
ce
nt
ra
tio
n 
on
 C
at
al
ys
t (
m
g/
g)
 
C
11
-1
M
N
 a
nd
 D
H
D
S 
C
on
ve
rs
io
ns
 (%
) 
Temperature (oC) 
DHDS conversion 
C11-1MN conversion 
S concentration 
Role of Sulphur in Hydrocracking Catalyst Activation 
 160 
Effect of Temperature 
The amount of sulphur present in the feed and the samples is quantified using XRF analysis. 
The initial concentration of sulphur is 0.37 mg/g. The following graphs, depicted in Figure 
7.3 and Figure 7.4, compare the S concentration in products with the total C11-1MN 
conversion during experiments at 400, 420, 430 and 450 oC. Samples were collected at 
intervals of T = 30 minutes during TOS. 
 
 
Figure 7.3: Sulphur concentration and C11-1MN conversion during time-on-stream at 
a) 400 oC, b) 420 oC, τ  = 1 minute and 10 MPa. 
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Figure 7.3 a) and b) depict experiments at 400 and 420 oC, respectively. Both the S 
concentration and C11-1MN conversion follow the same trend. C11-1MN conversion 
increases slightly from 400 oC to 420 oC. It seems however that the sulphur concentration and 
C11-1MN conversion remain constant at both temperatures. 
 
 
Figure 7.4: Sulphur concentration and C11-1MN conversion during time-on-stream at 
c) 430 oC, d) 450 oC, τ  = 1 minute and 10 MPa. 
Figure 7.4 c) and d) represent the experiments carried out at 430 oC and 450 oC, respectively. 
The S concentration in c) follows the same trend as C11-1MN conversion until TOS = 
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120 min, where S concentration shows a small decrease and C11-1MN conversion a small 
increase. 
Results depicted in Figure 7.3 a) and b) share common features in which the conversion of 
C11-1MN and the concentration of S in the products both reach a steady state within 
30 minutes of TOS. Interestingly, this trend occurs for Figure 7.4 c) up to TOS = 120 min, 
and is not observed at all when experiments are carried out at 450 oC, as shown in Figure 7.4 
d). 
In experiments at 450 oC, the S concentration in the product samples is inversely correlated to 
the total C11-1MN conversion. On one hand, the initial S concentration in the products is 
high at TOS = 30 min and as the reaction takes place the concentration of sulphur drops 
continuously until it reaches a steady concentration after TOS = 120 min and remains at this 
concentration until the end of the run. On the other hand, the total C11-1MN conversion is 
low at TOS = 30 min and increases until it reaches a steady state conversion also after TOS = 
120 min.  
Sulphiding Agent 
The decomposition of diheptyl disulphide during the reaction and its ability to react with 
hydrogen to form hydrogen disulphide (H2S) is investigated. To support this idea, the role of 
DHDS decomposition during the reactions and the effect of decomposition products on 
catalyst activation are studied. The process of decomposition is very similar to a HDS 
reaction, with catalysts activated by organic sulphides and H2S. The sulphur removed from 
the feedstock helps towards the activation of catalysts for the hydrocracking reaction. The 
general HDS reaction for aliphatic compounds is shown in Equation ( 7.1). 
 R− SH+ H! → R− H+ H!S ( 7.1) 
GC-MS analysis also enables the identification of DHDS decomposition products. These are 
found to be heptane (C7H16) and 1-heptanethiol (C7H16S) and their product yields are 
calculated with data gathered from the GC-FID analysis. Heptane is produced together with 
hydrogen sulphide (H2S) during the decomposition reaction. H2S can then react with the 
supported oxide metals to form active sulphided species. 
 
 
Role of Sulphur in Hydrocracking Catalyst Activation 
 163 
The proposed DHDS decomposition reaction is shown by Equations ( 7.2) and ( 7.3) 
 C!H!" − S− S− C!H!" + H! → 2C!H!"SH ( 7.2) 
 C!H!" − S− S− C!H!" + 3H! → 2C!H!" + 2H!S ( 7.3) 
As researchers such as Prada-Silvy et al. [59], Yamada et al. [119], Texier et al. [115] pointed 
out, the HDS process with liquid activating agents can occur with the decomposition of the 
sulphiding agent into either H2S or thiols. For a better understanding of the decomposition 
reaction at different temperatures, the yields of heptane and 1-heptanethiol are calculated 
during TOS and are compared to the conversion of DHDS. This is done for the experiment at 
430 oC, depicted in Figure 7.5, which is steady up to TOS = 120 min and demonstrates a 
small step increase from 120 to 150 min. The same analysis is carried out for the experiment 
at 450 oC, as shown in Figure 7.6, that reaches steady state after TOS = 120 min. 
 
Figure 7.5: DHDS conversion, heptane and 1-heptanethiol product yields during 
experiment at 430 oC, τ  = 1 minute, 10 MPa. 
At 430 oC, DHDS conversion reaches 90 % at TOS = 30 min. 1-Heptanethiol reaches steady 
state from TOS = 30 min and heptane demonstrates a small increase in its yield. Both 
products reach similar yields at TOS = 180 min. More sulphur deposits at this temperature on 
the catalyst, which is reflected by a drop in S concentration in products and an increase in 
C11-1MN conversion observed in Figure 7.4 c). A possible explanation can be given to the 
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small step increase in C11-1MN conversion observed at TOS = 120 min. It can be observed in 
Figure 7.5 that 1-heptanethiol and heptane reach similar yields from TOS = 120 min onwards. 
Thus the sulphur from both H2S and 1-heptanethiol contribute to that small increase in C11-
1MN and decrease in S concentration in the products.  
 
Figure 7.6: DHDS conversion, heptane and 1-heptanethiol product yields during an 
experiment at 450 oC, 10 MPa and 1 minute residence time. 
At 450 oC, however, DHDS conversion is below 50 % at TOS = 30 min and reaches steady 
state after TOS = 120 min, as pictured in Figure 7.6. Heptane (and thus H2S) is absent until 
TOS = 90 min and increases to reach steady state at TOS = 120 min. 1-Heptanethiol has a low 
yield at TOS = 30 and 60 min and gradually increases till TOS = 180 min.  
As it is observed in Figure 7.4 d) C11-1MN conversion is low at TOS = 30 min and increases 
sharply until TOS = 120 min whereas S concentration is high at TOS = 30 min and decreases 
sharply until TOS = 120 min. It could be noticed from Figure 7.6 that both yields of 1-
heptanethiol and heptane in the products follow the same pattern as C11-1MN conversion. 
The next step is to compare the yield of decomposition products of DHDS with DHDS 
conversion and C11-1MN conversion at the four temperatures studied. Temperature facilitates 
the decomposition of DHDS, therefore a common feature to all the experiments presented 
above is that the product yields of both heptane and 1-heptanethiol increase with increasing 
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temperature. However product yields are not present in the same ratios throughout all 
temperatures. Thus it should be examined whether temperature favours Equations ( 7.2), ( 
7.3) or both. 
 
Figure 7.7: Comparison of DHDS and C11-1MN conversions, heptane and 1-
heptanethiol product yields at 400, 420, 430, 450 oC, τ  = 1 minute, 10 MPa. 
In Figure 7.7, DHDS is only converted into 1-heptanethiol at 400 oC, as it is the only species 
present in the products. Thus at 400 oC sulphidation takes place with the help of 1-
heptanethiol as shown by Equation ( 7.2). At 420 oC, DHDS is converted into both heptane 
and 1-heptanethiol and in this case the yield of heptane is higher than 1-heptanethiol, thus 
both reactions, as indicated by both Equations ( 7.2) and ( 7.3), take place. A small increase of 
C11-1MN is observed at that temperature. The maximum DHDS conversion occurs at 430 oC, 
which is also accompanied by a sharp increase of C11-1MN conversion. DHDS 
decomposition produces almost equal yields of heptane and 1-heptanethiol. Therefore, both 
reaction in Equations ( 7.2) and ( 7.3) occur. The difference with the results at 420 oC is that 
more DHDS decomposes, which results in more sulphur available for sulphidation. 
Finally, at 450 oC, DHDS conversion drops slightly, while C11-1MN keeps on increasing. 
The yields of the decomposition products of DHDS demonstrate a sharp increase, with 1-
heptanethiol seeing the biggest increase, compared to lower temperatures (400 – 430 oC). 
Heptane demonstrates a small change in yield from 430 – 450 oC. 
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7.4 Conclusions 
This chapter investigated the role and effect of sulphur in hydrocracking experiments. Sulphur 
was present in the feed in the form of DHDS. It was demonstrated that sulphur was present in 
both liquid products and used catalysts. Catalysts were efficiently activated to their sulphided 
form thanks to the sulphur resulting from decomposition of DHDS.  
The sulphur concentration in the products was compared with C11-1MN conversion at 400, 
420, 430 and 450 oC. It was clearly noticed the experiment at 450 oC with no catalyst 
presented a very low C11-1MN conversion and its sulphur concentration was the same as in 
the fresh feedstock. It was observed that a decreasing S concentration in the products led to a 
noticeable increase in C11-1MN conversion. 
DHDS and C11-1MN conversions were compared against the amount of sulphur present on 
the catalyst surface. From 400 – 430 oC DHDS and C11-1MN conversions increased, in 
addition to an increase of sulphur concentration on the catalyst surface. At 430 oC, more 
sulphur deposited on the catalyst, which was reflected as expected by an increase in DHDS 
conversion and an increase in C11-1MN conversion. However, at 450 oC, C11-1MN 
conversion increased significantly whereas DHDS conversion and sulphur concentration on 
the catalyst dropped slightly. The decomposition products of DHDS were identified to be 1-
heptanethiol, heptane and H2S. 
Activation temperatures of 400, 420, 430 and 450 oC were investigated. The sulphur 
concentration in the products was compared with C11-1MN conversion during time-on-
stream. At 400 and 420 oC, both sulphur concentration and C11-1MN conversion were 
constant and followed the same trend. This was also observed at 430 oC, however a slight 
decrease of S concentration and increase of C11-1MN conversion was noticed. This small 
step increase in C11-1MN conversion was explained by the fact that the yields of heptane and 
1-heptanethiol reached similar values from TOS = 120 min onwards. Thus the sulphur from 
both H2S and 1-heptanethiol contributed to that small increase in C11-1MN and decrease in S 
concentration in the products. 
At 450 oC, the S concentration and C11-1MN conversion were inversely correlated. This 
behaviour was attributed to the decomposition of DHDS at that temperature. At 450 oC, C11-
1MN conversion was low at the start of the experiment, increased after 90 minutes in time-on-
stream and became constant after that. The opposite occurred for sulphur concentration. It 
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was noticed that the yields of 1-heptanethiol and heptane both followed the same trend as 
C11-1MN conversion. At the start of the experiment, only 1-heptanethiol was present in small 
yields. It is only at 90 minutes in time-on-stream that heptane appeared. 
The yields of 1-heptanethiol and heptane were compared with C11-1MN and DHDS 
conversions at these four temperatures. At 400 oC, only 1-heptanethiol was present in the 
products and thus could have provided sulphur for the sulphidation. At 420 oC, both 1-
heptanethiol and H2S, formed with heptane, were responsible for the sulphidation of the 
catalyst. The maximum DHDS conversion took place at 430 oC and at the same time C11-
1MN demonstrated a sharp increase in conversion. The yields of 1-heptanethiol and heptane 
were almost equal. Finally, the highest conversion of C11-1MN was observed at 450 oC, 
while a small drop in DHDS was noticed. Both DHDS decomposition product yields 
increased, with 1-heptanethiol seeing the biggest change. 
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CHAPTER 8 Conclusions and 
Recommendations for Future Work 
Hydrocracking has gained interest due to the heavy feedstocks increasingly faced by refiners. 
Refineries are required to change existing technologies to cope with these heavy feedstocks. It 
is of prime importance to have a good knowledge of the reactions undergone by the chemical 
structures present in these heavy feedstocks in order improve the current processes. The main 
barrier is that these heavy feedstocks are composed of complex structures, which are difficult 
to identify and render the study of reaction pathways more difficult. Therefore, model 
compounds with polyaromatic structures present in heavy oil can be employed as feedstocks, 
making the analysis of reaction pathways clearer and simpler. 
This work aimed to answer some of these questions by developing a new continuous fixed-
bed hydrocracking reactor (Chapter 4) that was then employed to study experiments at long 
residence and reaction times. Insight was gained into the hydrocracking reaction by obtaining 
a detailed overall pathway using 1-methylnaphthalene model compound as feedstock (Chapter 
5). The effect of other parameters such as temperature was elucidated on 1-methylnaphthalene 
and on the yield and selectivity of its products (Chapter 6). The role of sulphur on catalyst 
activation and on C11-1MN conversion was also investigated (Chapter 7). 
8.1 Conclusions 
Hydrocracking experiments were performed in a new continuous fixed-bed hydrocracking 
reactor (CFBR). The feedstock, 1-methylnaphthalene (C11-1MN) was tested over a 
commercial NiMo/Al2O3 catalyst. 
The first objective of this work was to design, construct and commission a continuous fixed-
bed hydrocracking reactor, which was subsequently used for 1-methylnaphthalene 
hydrocracking experiments. A Hazard and Operability (HAZOP) study was also conducted 
for the safe use of the reactor. 
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The reactor consisted of three sections: the liquid and gas feeding section, the reactor section 
and the product recovery section. The reactor process involved operations with flammable 
liquids and explosive gas at high temperatures and pressure, therefore risk hazards were high. 
Thus, the design of the reactor needed to take into account all these parameters. The rationale 
behind the choice of all components chosen, along with the difficulties encountered, was 
presented in this thesis. The liquid feeding was performed by a syringe pump since it 
presented several advantages, as opposed to other options available. The reactor material had 
to be strong and withstand high temperatures, pressures and be resistant to hydrogen 
embrittlement. The best-suited material for this application was Inconel Alloy 625. Once the 
outer diameter was chosen, the safe thickness was calculated in order to withstand the high 
pressure and avoid reactor rupture. The bursting pressure was also obtained to ensure it was 
above the operating pressure. The hydrogen feeding system opted for was a sparger, inserted 
inside the reactor tube. The sparger was made out of a SS-316 tube with drilled holes, which 
produced small hydrogen bubbles. Hydrogen was heated up before reaching the part with 
drilled holes and was then injected inside the reactor tube, mixing with the liquid feed, below 
the fixed catalyst bed. The hydrogen gas flowrate was controlled with a mass flow controller. 
A water-cooled counter-current heat exchanger was placed at the reactor effluent, in order to 
quench the reaction and to prevent both the pressure relief valve and the back pressure 
regulator from being exposed to high temperatures. The reactor products were then directed 
into a tank that acted as a product tank and at the same time as a separator. The reactor 
effluent, which was at high pressure and high temperature, was cooled down in the heat 
exchanger before entering the separation tank. Therefore, the separation of the reactor effluent 
was performed in a low temperature, high pressure separator. In addition to the main product 
tank, a sampling system was added to enable samples to be taken every 30 and 60 minutes 
during time-on-stream. All process lines apart from the reactor were made out of SS-316 with 
1/4” or 1/2” OD. Since temperature and pressure in these experiments were high, a more 
detailed risk assessment process was required. For the above reasons, a Hazard and 
Operability (HAZOP) study was conducted. The HAZOP study identified the operation of 
every part of the process and the hazards that could occur based on the process description 
using the P&ID. The pressure and temperature were monitored with pressure transmitters and 
thermocouples, respectively. The control unit was designed based on safeguards and actions 
presented in the HAZOP study, therefore all safety aspects were included in this control 
system. The process conditions were set and monitored via the control system made up of a 
control unit linked to a computer, which had the LabVIEW software installed. The gas flow 
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was controlled via a mass flow controller linked to the control unit, which communicated with 
the LabVIEW interface on the computer. The liquid flow was directly varied from the syringe 
pump itself. However, it was also linked to the control unit and the flowrate was displayed in 
the LabVIEW interface on the computer. The reactor temperature was measured by 
thermocouples located in the middle section of the reactor tube. Its signal was fed back into 
the control unit for a closed loop regulation of the reaction temperature via the power supply. 
LabVIEW was the primary interface with the control unit. It was used for the setting and real-
time monitoring of all reaction conditions, as well as performing data acquisition, along with 
watchdog, safeguards and pre-programmed actions in case of hazard. The commissioning of 
the reactor consisted of pressure testing, both hydraulic testing and gas testing. The PID 
controller was tuned in order to provide a stable temperature. Finally, trial experiments were 
carried out initially with water and nitrogen, then with 1-methylnaphthalene and nitrogen. 
Following the commissioning of the CFBR, the reaction pathways of C11-1MN during 
hydrocracking were investigated by using three residence times, 1, 10 and 20 minutes. In a 
first step, all products and their isomers were identified by GC-MS analysis. For the sake of 
clarity, they were grouped based on their carbon atom number and chemical structure. Four 
main categories of products emerged consisting of partially hydrogenated bicyclic products 
(also called partially hydrogenated products), hydrogenated bicyclic products (also called 
hydrogenated products), ring-opening products and cracked products. The partially 
hydrogenated bicyclic products contained 1-methyl tetralin and 5-methyl tetralin (C11-1MT 
and C11-5MT, respectively). The hydrogenated bicyclic products were composed of 1-methyl 
decalin (C11-MD). Ring-opening and cracked products were further divided into sub-groups. 
Ring-opening products that contained 11 carbon atoms were divided into alkyl and alkenyl 
benzenes (C11-AB and C11-AlkB, respectively). Cracked products were subdivided in three 
groups: compounds with 10 carbon atoms (C10) composed of decalin (C10-D), C10 alkyl and 
C10 alkenyl benzenes (C10-AB and C10-AlkB, respectively), compounds with 9 carbon 
atoms (C9) consisting of alkyl cyclohexane (C9-AC), C9 alkyl and C9 alkenyl benzenes (C9-
AB and C9-AlkB, respectively), and finally compounds with 8 carbon atoms (C8) composed 
of C8 alkyl benzene (C8-AB) and C8 alkane (C8-A). In a second step, a concentration-time 
curve was plotted to gain a better insight into the evolution with residence time of the reactant 
and its products. In the results obtained, partially hydrogenated and hydrogenated products 
presented the characteristics of intermediate products. Both products had a low concentration, 
which then rose to a maximum and dropped as residence time was increased. All other 
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products demonstrated an increasing trend, with the highest rate of increase occurring when 
the intermediate products were at a maximum. An overall reaction pathway was proposed, 
consisting of a complex combination of both parallel and consecutive reactions. The pathway 
consisted of two parallel branches. In the first branch, C11-1MN was decomposed into 
intermediate partially hydrogenated products (C11-MT). The latter were consumed to produce 
in parallel reactions ring-opening products (C11-AB and C11-AlkB), and cracked products 
(C10-AB, C10-AlkB, C9-AB, C9-AlkB, C8-AB). At the same time, though at lower yields, 
C11-1MN decomposed into intermediate hydrogenated products (C11-MD). These were then 
consumed to form final cracked products (C10-D, C9-AC, C8-A). It was argued that these 
final products were produced in parallel reactions. 
Following the investigation of the reaction pathways taking place during the hydrocracking of 
C11-1MN, temperature was varied from 400 – 450 oC to observe its effect on the reactant and 
the products obtained, while maintaining the residence time and pressure constant at 1 minute 
and 10 MPa, respectively. The conversion of C11-1MN was low at 400 and 420 oC, however 
it demonstrated a significant increase at 430 and 450 oC. The activation energy of C11-1MN 
was calculated. The rate constants were obtained at each temperature. The temperature 
dependence of the rate constant was correlated by the Arrhenius equation, which ultimately 
gave the activation energy. The effect of temperature was then studied on the product 
distribution. The products obtained were grouped into four categories: partially hydrogenated 
bicyclic products (also called partially hydrogenated products) (C11-MT) composed of C11-
1MT and C11-5MT, hydrogenated bicyclic products (also called hydrogenated products) 
(C11-MD), ring-opening products (C11-AB, C11-AlkB), and finally cracked products (C9-
AB, C10-AB, C10-AlkB). Interestingly, there were less cracked products formed from C11-
MT, and no cracked products from C11-MD were observed at these conditions. The reaction 
performance was then characterised by analysing the yield and selectivity of the four product 
categories. C11-MT, C11-AlkB and C9-AB were the products with the highest yields 
throughout the temperatures studied. All three products were present at all temperatures, 
however, C11-AlkB appeared at low yields at 400 oC. The overall selectivity of partially 
hydrogenated products and ring-opening products were mirrored. The temperature influence 
on each product category was then investigated in greater detail. It was noted that the yield 
ratio of partially hydrogenated products (C11-MT) composed of C11-1MT and C11-5MT 
remained constant at all temperatures tested. Therefore, it was demonstrated that the 
activation energies of both products were equal. The overall selectivity of hydrogenated 
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products (C11-MD) was very low with a small peak observed at 430 oC and 450 oC. In the 
ring-opening products category, C11-AlkB selectivity presented the largest variations with 
temperature, while C11-AB selectivity was very low and only appeared at 420 oC and 430 oC. 
Finally, in the cracked products group, the selectivity for cracked products decreased with 
increasing temperature. Out of the three cracked products present, C9-AB had the highest 
selectivity, however it decreased with increasing temperature.  
Finally, the effect of sulphur on catalyst activation was investigated. A sulphur compound, 
diheptyl disulphide (DHDS), present in feed, activated the catalyst by sulphiding it in situ. 
The presence of sulphur was confirmed on both used catalyst and products. The sulphur 
concentration in the products was compared with C11-1MN conversion at 400, 420, 430 and 
450 oC with catalyst and at 450 oC with no catalyst. The experiment at 450 oC with no catalyst 
presented a very low C11-1MN conversion and its sulphur concentration was the same as in 
the fresh feedstock. Experiments with catalysts demonstrated a decrease in S concentration in 
the products, which led to a noticeable increase in C11-1MN conversion. DHDS and C11-
1MN conversions were compared against the amount of sulphur present on the catalyst 
surface. From 400 – 430 oC, DHDS and C11-1MN conversions increased with increasing 
sulphur concentration on the catalyst. However, at 450 oC C11-1MN conversion increased 
while the S concentration on the catalyst and the DHDS conversion slightly decreased. The 
effect of temperature (400, 420, 430 and 450 oC) on sulphidation of the catalyst was 
investigated by comparing the sulphur concentration in the products and the C11-1MN 
conversion during TOS. At 400 and 420 oC, both the sulphur concentration and C11-1MN 
conversion were constant and followed the same trend. This was also observed at 430 oC, 
however a slight decrease of S concentration and increase of C11-1MN conversion was 
noticed. At 450 oC, the S concentration and C11-1MN conversion were inversely correlated. 
The effect of the decomposition products of DHDS, 1-heptanethiol and heptane formed with 
H2S, was further investigated. The yields of 1-heptanethiol and heptane were compared with 
C11-1MN conversion. At 400 oC, 1-heptanethiol was the only product present and could have 
been responsible for the sulphidation. At 420 oC, both 1-heptanethiol and H2S, formed with 
heptane, helped towards the sulphidation of the catalyst. At 430 oC, C11-1MN conversion 
increased and DHDS conversion reached a maximum. The yields of heptane and 1-
heptanethiol were almost equal at that temperature. C11-1MN conversion was the highest at 
450 oC and DHDS conversion decreased slightly. Both DHDS decomposition product yields 
increased, with 1-heptanethiol seeing the biggest change. 
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8.2 Recommendations for Future Work 
A number of studies can be performed as an extension of this work and are presented here. 
8.2.1 Feedstock 
This work has investigated the hydrocracking of one model compound, 1-methylnaphthalene. 
It would be interesting to prepare a more complex mixture of model compounds, such as 
phenanthrene, cyclohexane, in order to obtain a feedstock that contains several polyaromatic 
structures that are present in heavy oil. This would be beneficial for the further investigation 
of complex reaction pathways that occur at the same reaction conditions used in this work. 
Additionally, further work should be carried out with heavy oil feedstock. Heavy oil is in 
solid form at room temperature, therefore one option would be to heat it up prior its use to 
make it flow. A second option could be to heat it up and add a solvent or model compounds 
already studied previously to reduce its viscosity. Since the structure of heavy oil is complex, 
it could be fractionated into asphaltenes and maltenes. This would enable to study each group 
thoroughly without the interaction of other compounds present in heavy oil. When using 
heavy oil in the CFBR, care should be taken to ensure all feeding lines are insulated or 
covered with heating tape to avoid tube blockages. 
8.2.2 Catalyst  
Further work should be carried out on the present catalyst with 1-methylnaphthalene. It would 
be beneficial to reuse the catalyst several times. This could give insight into catalyst 
deactivation, which has not been observed in this work. Coke deposition and accumulation 
could additionally be observed. In a second step this procedure could be carried out with the 
mixture of model compounds and with heavy oil. 
The next stage would be to test other types of catalysts, varying the metals and/or the 
supports. These catalysts should be tested first on a model compound mixture prior to using 
them with heavy oil. This would enable to have a better understanding of the catalyst 
properties and its effect on the feedstocks. Additionally, the catalysts used in this research are 
quadrilobe-shaped pellets and it would be beneficial to test different catalyst shapes. 
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8.2.3 Operating Conditions 
Longer reaction times (TOS) to the ones used in this work can be studied to possibly observe 
catalyst deactivation and carbon deposition. Additionally, the effect of pressure could be 
investigated. 
A kinetic model could be performed for the current pathways presented in Chapter 5. This 
model could be expanded to more complex reaction pathways obtained from a mixture of 
model compounds as feedstock. After verification of the model, it could be used as a basis to 
test different operating conditions. 
8.2.4 Catalyst Sulphidation 
In Chapter 7, the sulphur concentration used for the sulphidation of the catalyst was constant 
throughout the experiments. Therefore it would be interesting to perform similar experiments 
by varying this concentration and observing its effect on the catalyst activity. Due to 
unpredicted circumstances the effect of the current decomposition products could not be fully 
assessed in Chapter 7. Therefore, further work could be carried out to study the products’ 
influence on catalyst activation in greater detail. 
Different activation methods could be investigated by changing the sequences in which they 
are performed. Catalyst reduction could be followed by catalyst sulphidation, sulphidation 
could be followed by reduction, or both sulphidation and reduction could be performed 
simultaneously. 
The study of different sulphiding agents could also be performed, for instance employing 
H2S/H2 or CS2, dimethyl sulphide at the same conditions used in this work, allowing the 
comparison of results.  
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A. Appendix 
A.1 Flowrate calculations 
The formula used to calculate the residence time is 
 τ = V!"#v!  ( A.1) 
Where τ  is the residence time, V!"#  is the volume of the catalyst in reactor, v!  is the 
volumetric flowrate. 
Initially, the volume of the catalyst has to be calculated. The volume of the cylindrical bed in 
the tube has to be measured with 
 V!"# = πr!h ( A.2) 
Where r is the radius (m), and h is the height of the catalyst bed (m). 
The volume and the height of the catalytic bed are calculated for more than one mass of 
catalyst, as the volume of the bed depends on the amount of catalyst loaded.  
 V!"# = mρ  ( A.3) 
Where m is the mass of the catalyst (g), and ρ is the density of the catalyst (kg/m3). 
It is assumed for this calculation that the catalytic bed is composed solely of catalyst 
NiMo/Al2O3 whose density is known to be 1380 kg/m3 [120].The results of the calculation are 
presented in Table A.1. 
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Table A.1: Catalyst bed volume and height calculations. 
Calatyst weight (g) Volume of catalyst (mL) Bed Height (cm) 
0.2 0.14 0.25 
0.4 0.29 0.51 
0.5 0.36 0.64 
0.6 0.43 0.77 
0.8 0.58 1.02 
1 0.72 1.28 
1.2 0.87 1.53 
1.4 1.01 1.79 
1.6 1.16 2.04 
1.8 1.30 2.29 
2 1.45 2.55 
4 2.89 5.11 
6 4.35 7.66 
 
The height of the bed is known and with the value of the volume of the catalyst it is possible 
to calculate the volumetric flowrate based on a residence time of 5 to 100 minutes with 
Equation ( A.3). The results are depicted in Table A.2. 
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Table A.2: Flowrate through the catalyst bed (mL/min). 
Residence 
time 
(min) 
Catalyst weight (g) 
 
0.8 1 1.2 1.4 1.6 1.8 2 4 
5 0.12 0.14 0.17 0.20 0.23 0.26 0.29 0.58 
10 0.06 0.07 0.09 0.10 0.12 0.13 0.14 0.29 
20 0.03 0.04 0.04 0.05 0.06 0.07 0.07 0.14 
30 0.02 0.02 0.03 0.03 0.04 0.04 0.05 0.10 
40 0.01 0.02 0.02 0.03 0.03 0.03 0.04 0.07 
50 0.01 0.01 0.02 0.02 0.02 0.03 0.03 0.06 
60 0.01 0.01 0.01 0.02 0.02 0.02 0.02 0.05 
70 0.01 0.01 0.01 0.01 0.02 0.02 0.02 0.04 
80 0.01 0.01 0.01 0.01 0.01 0.02 0.02 0.04 
90 0.01 0.01 0.01 0.01 0.01 0.01 0.02 0.03 
100 0.01 0.01 0.01 0.01 0.01 0.01 0.01 0.03 
 
For a catalyst bed loading of 1 g, the flowrate will vary between 0.14 mL/min for 5 minutes 
residence time and 0.01 mL/min for 100 minutes residence time.  
A.2 Tube specifications 
Tube Material 
All the tubing in the process, apart from the reactor tube, is a seamless tube EN Standard BS 
EN 10216-5 (replaces BS 3605-1:1991), the material description is austenitic stainless steel of 
grade X5CrNiMo17-12-2, material number 1.4401 and material group 8.1. [92]. The 
calculation of the thickness is presented in this section. 
Sparger 
The thickness of the 1/8” tubing used for the H2 sparger is 1/16’’. This has to be compared 
with the values in the tables that show how much thickness is required for a stainless tube for 
a specific pressure. 
For a tube of 1/8’’mm OD and thickness is 0.035’’, the working pressure is 670 bars. 
However if a safety factors 0.8 for a single-welded tubing and 0.76 for elevated temperature 
factor for 537 oC are added, the allowable working pressure becomes 457 bars (more than 200 
bars) [121]. 
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The provider of these 1/8’’ tubes supplies them with a thickness of 1/16’’. This is a safe 
thickness as it is greater than 0.035’’. 
Pressure Drop Calculation 
The pressure drop is also calculated, in order to know if it is of a significant importance or 
not. Equation ( A.4) is employed for the pressure drop calculation. 
 ΔP = fv!ρL2D  ( A.4) 
Where ΔP is the pressure drop (Pa), f is the friction factor, v is the velocity (m/s), ρ is the 
density of the gas (kg/m3), L is the length of the tube (m), D is the inner diameter of the tube 
(m). 
ΔP = 1.3471×0.08!×6.2738×0.452×0.0016 = 7.59  Pa 
That means that in bars the pressure drop is calculated to be 7.59×10!! bars which shows 
that the pressure drop is very small and thus will not play an important role in the reaction.  
A.3 Heating requirements 
Three points are taken into account to calculate the overall power required to heat the reactor 
tube and the fluid. 
1) The initial energy to preheat reactor section 
2) The heat transfer to heat up the fluid at the desired reaction temperature 
3) The heat losses through reactor tube wall 
The fluid properties data taken for the heat transfer calculations are listed in Table A.3. All 
values of properties are taken from [122]. 
Initial Energy to Preheat the Reactor Section 
The initial energy required to heat the reactor tube filled with liquid from 70 oC to 500 oC, 
without flow has been calculated. This initial energy is composed of the energy required to 
heat the liquid and the energy required to heat the reactor tube.  
The energy required to heat the liquid from 70 oC to 500 oC is  Q!" = 3×10!  J. The data for 
this calculation are taken from Table A.3. 
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In a similar way, the heat requirement to heat just the reactor tube is  Q!" = 7×10!  J with data 
taken from Table A.3. 
The total energy that is needed to preheat the cold reactor tube filled with the liquid, without 
having any flow is  Q!"! = Q!" + Q!" = 10×10!  J. 
To heat up the reactor tube filled with liquid in 2 minutes, ~ 850 W would be required. 
Heat Transfer to Heat up Fluid at Desired Reaction Temperature 
The heat transfer required to heat up the flowing fluid in the reactor tube from 70 oC to 500 oC 
is calculated using Equation ( A.5). 
 Q! = mCp(T! − T!) ( A.5) 
Where QT is the heat transfer (W), m is the mass flowrate (kg/s), Cp is the specific heat 
capacity (J/kg.K), T is the temperature (K). 
The heat transfer required to heat up the flowing fluid at 500 oC is  Q! = ~  10  W, by 
substituting the values from Table A.3 in Equation ( A.5). Hydrogen contribution is negligible 
and thus is not included in Equation ( A.5).  
Heat Losses through Reactor Tube Wall 
The heat losses from the hot flowing fluid (500 oC) to the atmosphere (20 oC) through the 
alloy and the insulation around the alloy are calculated with Equation ( A.6). 
 Q! = UA∆T ( A.6) 
Where QL is the heat loss (W), U is the overall heat transfer coefficient (W/m2K), A is the 
surface area of the tube (2πr1l) (m2), ∆T is the temperature difference (K). 
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Figure A.1: Cross section of the tube. 
r1 is the inner tube radius (m), r2 is the outer tube radius (m), and r3 is the insulation radius 
(m), all radiuses are measured from the centre of the tube, h1 is the heat transfer coefficient of 
the liquid (W/m2K), k2 is the thermal conductivity of the alloy tube (W/mK), k3 is the thermal 
conductivity of the insulation (W/mK), h4 is the heat transfer coefficient of the air (W/m2K) 
Using Figure A.1, the overall heat transfer coefficient is calculated, shown in Equation ( A.7): 
 1U = 1h!  2πr!l+ ln r!r!2πk!l + ln r!r!2πk!l + 1h!  2πr!l = R! + R! + R! + R! = R!"! ( A.7) 
Where hi is the heat transfer coefficient (W/m2K), ki is the thermal conductivity (W/mK), Ri is 
the term for the resistance (m2K/W). 
To find hi, Re and Nu need to be calculated in the following steps: 
 Re = 4mπDµμ = 0.25 ( A.8) 
The Nu = 4.36 
 Nu = h!D!k = 4.36 ( A.9) 
Where hi is the heat transfer coefficient (W/m2K), Di is the inner diameter (m), k is the 
thermal conductivity (W/mK). 
The data from Figure A.1 are presented in detail in Table A.5. These values are substituted in 
Equation ( A.7), in order to obtain the overall heat transfer coefficient U. 
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Thus the overall heat transfer coefficient is U = 19 W/m2K. The heat losses can now be 
calculated with Equation ( A.6). All the results can be found Table A.5. By putting U, A, ∆T 
in Equation ( A.6) the heat loss can be obtained  Q! = 153  W. 
The initial heating required to heat up the alloy tube filled with liquid from 70 oC to 500 oC is 
833 W for a heating time of 2 minutes. After this preheating period, the heating that has to be 
provided for the flowing liquid in the reactor tube is 9 W. The heat losses of the liquid inside 
the tube to the surroundings are ~ 150 W.  
The heating of the reactor will be provided by a 10 kW Ametek P63D5-1500 DC Power 
Supply, which gives great flexibility for this application to vary the conditions of the reaction, 
and the possibility to be reused for different future applications. 
Heating Requirements Data  
All properties values are taken from Incropera et al. [122]. 
Table A.3: Fluid properties. 
Inlet Temperature Tin oC 70 
Outlet Temperature Tout oC 500 
Specific Heat Cp J/kg.K 2471 
Density ρ kg/m3 806.5 
Thermal Conductivity k W/mK 0.101 
Maximum Flowrate m mL/min 0.6 
 
Reactor tube sizes are presented in Table A.4, where L is the length of the reactor tube (m), V 
(= πr2h) is the volume (m3), M (= πr2hρ) is the mass of the liquid contained in the reactor tube 
(kg), OD is the outer diameter (m) and ID is the inner diameter (m), Cross Ain is the cross 
sectional area of the OD (m2), Cross Aout is the cross sectional area of the ID (m2), Cross Ain-
Aout is the difference of the two cross sectional areas (m2). 
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Table A.4: Reactor tube dimensions. 
Length L (m) 0.6 Volume V (m3) 3.56×10!! 
Outer Diameter OD (m) 0.0127 Inner Diameter ID (m) 8.7×10!! 
Cross Sectional Aout (m2) 0.000127 Cross Sectional Ain (m2) 5.94×10!! 
 
 
Table A.5: Heat loss data. 
Inner Tube Alloy Insulation Surroundings 
T1 (oC) 500 - - - - T4 (oC) 20 
r1 (cm) 0.44 r2 (cm) 0.64 r3(cm) 1.4 Air  
h1(W/m2K) 66 k2(W/mK) 17.3 k3(W/mK) 0.17 h4(W/m2K) 10 
 
 
 
Table A.6: Value of the resistances. 
Resistance of convection (m2K/W) R1 1.51×10!! 
Resistance of conduction (m2K/W) R2 9.51×10!! 
Resistance of conduction (m2K/W) R3 1.93×10!! 
Resistance of convection (m2K/W) R4 3.22×10!! 
Sum of R1+R2+R3+R4 (m2K/W) Rtot 6.67×10!! 
Overall Heat transfer coefficient (W/m2K) U=1/Rtot 19 
Area (m2) A 1.6×10!! 
Appendix 
 195 
A.4 Equipment Summary and GC-MS Chromatogram 
Equipment Summary 
The summary of the equipment is listed below in Table A.7. 
Table A.7: Summary of process diagram equipment. 
Apparatus Supplier Description 
Syringe Pump 260D Teledyne ISCO Capacity: 266 mL 
Flow range: 0.001-107 mL/min 
Flow Accuracy: 0.5% of 
Setpoint 
Pressure range: 0.7-517 bars 
Ambiant Temperature Range: 
5-40 oC 
Reactor Tube TW Metals Ltd Material:  Inconel 625 Alloy 
Grade 1 
OD: 1/2 inches 
Length: 0.80 m 
Sintered Porous Tube Applied Porous 
Technologies, Inc. 
Material: SS-316 
OD: 1/8 inches 
Length: 0.45 m 
Thermal Mass Flow 
Controller 
Brooks Instrument Fluid (@ normal conditions): 
H2 
Required Flowrate: 2 l/min (@ 
normal  conditions) 
Inlet Pressure: 202 barg ± 10% 
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(@ normal conditions) 
Outlet Pressure: 0 - 200 barg(@ 
normal conditions) 
Meter Flow Range: 0.04 – 2 
l/min 
Meter Max Pressure: 300 bars 
Product tank 316 Stainless Steel 
constructed in workshop 
Volume: 2 l 
Normal Operating Pressure: 
150 bars 
Max Operating Pressure: 250 
bars 
Hydraulic  Test Pressure: 375 
bars 
Max Temperature: 50 oC 
Design code: BS5500 
DC Power Supply Thurlby Thander Instruments 
Ltd 
Ametek P63D5-1500 
Power: 10 kW 
Output DC: 0-5 Volts 
Output DC: 1500 Amps 
Pressure Transmitter 
PXM4200 Series 
Omega Engineering Ltd Pressure Range: vacuum - 1000 
bars 
Media Temperature: -50 - 120 
oC 
Ambient Temperature: -40 – 80 
oC 
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Thermocouple Type K TC Direct Operating Temperature Range: 
-100 – 800 oC 
Rapid Response 
Sheath Material: 310 Stainless 
Steel 
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Valves Summary 
Table A.8 is a list of all the valves installed in the present reactor system 
Table A.8: Summary of process valves. 
Valve Type Company Name Description 
Needle valve 
“Integral-Bonnet Needle  
Valve”  
Swagelok 1 Series: SS-1RS4 
Working Pressure: max 413 
bars 
Temperature: max 315 oC 
Regulating Stem: SS-316 
Body Material: 316 SS 
Check valve Swagelok Check Valves CH Series: SS-
CHS4-25 
Working Pressure: up to 413 
bars 
Temperature Range: 37 oC-
204 oC 
Body Material: 316 SS 
Ball valve Swagelok SK Series: SS-4SKPS4 
Working Pressure: up to 413 
bars 
Temperature Range: -40-150 
oC 
Body Material: 316 SS 
Ball Material: 316 SS 
Pressure relief valve Swagelok Series R: SS-4R3A-NE 
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Working Pressure @ 20oC: 
413; 551 during relief 
Set pressure @ 20 oC: 3.4-
413 bars 
Seal Material: Neoprene 
Maximum set pressure @ 
148 oC: 321 bars 
Spring Kit: 177-R3A-K1-F 
Set Pressure Range: 206-278 
bars  
Back pressure regulator Flotech Solutions Limited Control Pressure range: 1.7-
276 barg 
Flow Capacity (Cv): 0.14 
Inlet/Outlet Ports: ¼’’ NPT 
(F) 
Seal Material: BUNA N 
Body Material: 316 Stainless 
Steel 
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GC-MS Chromatogram 
 
Figure A.2: GC-MS chromatogram with all identified product peaks. 
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